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ABSTRACT
The simultaneous water-gas shift and CaO-carbonation 
reactions for the direct hydrogen production from synthesis 
gas have been studied at high temperature and high pressure 
using a laboratory-scale fixed-bed reactor. Experiments were 
conducted to evaluate the effect of process parameters - 
temperature, pressure, gas composition, and space velocity - 
on system performance during both calcination and 
shift/carbonation reaction stages. Commercial dolomite was 
chosen as the primary sorbent while two limestones were tested 
for comparison. Multicycle tests were conducted to evaluate 
sorbent durability. Sorbent structure and structural changes 
associated with reaction were measured using mercury 
porosimeter.
The experiments proved the technical feasibility of 
combining the shift and carbonation reactions for hydrogen 
production. Calcination can be conducted over a temperature 
range of 750°C to 900°C under either N2 or a mixture of N, and 
steam. Equilibrium for the combined shift and carbonation 
reactions can be closely approached at 15 atm, in the 
temperature range of 500°C to 650°C, and at space velocity as 
high as 3400 hr'1 (STP) using simulated coal gas feed having 
a H20 to CO ratio as low as 2:1. Fractional carbon oxide 
removal at these conditions exceeded 0.99, with a maximum of 
0.999 at 500°C and 15 atm. The corresponding total carbon
xvi
oxide concentration during the prebreakthrough period was 
below 300 ppm.
The CO and C02 concentrations during the prebreakthrough 
period did increase in multicycle tests. However, sorbent 
reactivity loss was evident by a decrease in the duration of 
the prebreakthrough period. The deterioration rate for 
dolomite was about 3% to 5% per cycle at favorable reaction 
conditions. When shift/carbonation pressure decreased from 15 
to 1 atm, the fractional carbon oxide removal during the early 
stage of the reaction decreased to about 0.95, but the sorbent 




Hydrogen is one of the most important materials in many 
areas of commerce and science. It has been used extensively 
in chemical manufacturing, petroleum refining and as a direct 
fuel. As a chemical feedstock, hydrogen is largely consumed 
in ammonia production and methanol synthesis. Heavy petroleum 
fractions are upgraded by a number of processes such as 
hydrorefining and hydrocracking. As an alternative fuel, 
hydrogen, taking the form of an odorless, nontoxic, colorless 
gas, has been successfully demonstrated as a vehicular fuel 
and a possible household resource replacing natural gas with 
lower pollution levels and higher efficiency (Billings, 1983) . 
In advanced electric power generation systems such as fuel 
cells, hydrogen is a key to maintaining catalyst integrity and 
achieving efficient operation.
1.1. Hydrogen and Related Technologies
Many methods of hydrogen production are available. The 
current technologies can be divided into four categories which 
are electrochemical, thermochemical, photolytic and chemical 
processes (Williamson et al., 1986). Electrochemical
processes produce hydrogen through the electrolysis of water. 
Although this has been a commercial process, it is generally 
considered inefficient and expensive. Thermochemical hydrogen
l
production uses high temperature nuclear or solar heat to 
decompose water, while photolytic approaches involve the 
direct splitting of water using a catalyst and solar 
radiation. The latter two methods are still in the early 
stages of research. Hence chemical processes based on 
conventional fossil fuels are and will continue to be a 
primary method of producing hydrogen.
Fossil fuels such as natural gas, oil, or coal can be 
converted to hydrogen using one of two techniques: steam
reforming or partial oxidation. In the steam reforming 
reaction, light hydrocarbons, including natural gas, are 
reacted with steam to produce hydrogen, partly derived from 
the hydrocarbon itself and partly from the steam. In the 
second method, heavier feedstocks, such as coal or residual 
oil, are partially oxidized and reacted with steam (or a 
mixture of steam and oxygen) to produce hydrogen.
The direct output from a reformer or a gasifier consists 
mainly of a mixture of hydrogen, steam, carbon monoxide and 
carbon dioxide, called synthesis gas. Although carbon 
monoxide is sometimes the only desired product (Vannby et al., 
1992), in most plants, synthesis gas is either completely 
converted to hydrogen for ammonia production or adjusted to 
certain H2/CO ratios for methanol synthesis.
1.2. Hydrogen Production Via Coal Gasification
Because they are inexpensive and readily available, 
petroleum and natural gas are still the primary sources for 
hydrogen. However, coal is an order of magnitude more 
abundant than fluid hydrocarbons. As world reserves of 
natural gas and oil are depleted, it will become necessary to 
turn to coal as a major source of hydrogen.
Realizing that coal utilization should be both 
economically attractive and environmentally acceptable, the 
U.S. Department of Energy sponsors the development of various 
coal conversion technologies. Coal gasification promises to 
be one of the most important technologies. Coal-derived gas 
has numerous potential diverse applications, such as electric 
power generation using an integrated gasification combined- 
cycle (IGCC) and/or coal gasification molten carbonate fuel 
cells (CGMCFC), and the production of synthesis gas, hydrogen 
and other chemicals. While improved energy efficiency can be 
achieved with coal gasification, reducing or removing the 
adverse environmental impact associated with coal utilization 
has also been a major concern.
Coal gases from the gasifier usually contain particulates 
and trace gas impurities such as H2S, COS and N0X, and have a 
typical temperature range of 650°C - 1250°C. In order for the 
processes mentioned above to function properly, these 
contaminants must be removed. Conventional removal of these 
trace contaminants is accomplished by wet scrubbing operations
which require that the hot coal gas be cooled to near ambient 
temperature before treatment. Considering the fact that the 
downstream processes in IGCC, CGMCFC or NH3 production operate 
at high temperature, the low-temperature purification causes 
a loss in thermal efficiency. The cooling and heating steps 
complicate the process and add capital cost for heat 
exchangers. Hence hot gas clean-up and acid gas removal are 
favored in order to increase the overall efficiency.
1.2.1. Hot Gas Cleanup
Hot cyclones and ceramic filters have been used to remove 
particulates at a temperature close to that of coal gasifier 
outlet gases. Various approaches for removing H2S at high 
temperature have been investigated during the past three 
decades. The most promising is to react the H2S with an 
appropriate metal oxide to form the corresponding metal 
sulfide.
Coal gases, after the removal of particulates and trace 
contaminants, consist of H2, H20, CO, C02, a small amount of 
CH4, and N2. Additional hydrogen can be produced by reacting 
the CO with H20 according to the water gas shift reaction
CO(gr) + HzO(g) + C02(g) + Hz(g) (l-l)
Carbon dioxide must be removed in order to produce high purity 
of hydrogen. According to the above reasoning, high 
temperature removal of C02 is favored for improving the 
overall efficiency. The U.S. Department of Energy, Morgantown
Energy Technology Center has identified the need for bulk 
separation processes which would operate with a temperature 
range of 100°C - 700°C.
1.2.2. C02 Removal
Based on this objective, several research groups are 
investigating different approaches. Two major methods being 
developed are high temperature membrane separation and a 
calcium oxide based sorbent process.
Membrane Process
Instead of trying to remove C02 from the coal gas, a 
membrane process aims at separating pure H2. Because of the 
permeability difference between H2 and other components in the 
coal gas, only hydrogen passes the membrane. Gavalas (1992) 
studied high temperature separation of hydrogen by ceramic 
membranes over the temperature range of 500°C - 750°C.
Membrane preparation was carried out by chemical vapor 
deposition of Si02 on porous Vycor support tubes with various 
pore sizes. At 500°C, the H2 selectivity of the membrane is 
more than four orders of magnitude greater than 02 and N,. 
While the efficiency is very promising, the membrane stability 
under high temperature is still a major concern. Similar 
studies on gas separation using membranes were conducted by 
Edlund (1992), Liu et al. (1992) and Uemiya et al. (1991).
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CO. Sorbent Process
Silaban (1993) studied the high temperature removal of 
C02 using CaO-based sorbents. A TGA reactor was used to study 
the kinetics of calcination and carbonation of several 
different sorbents, including dolomite, calcium carbonate and 
calcium acetate over the temperature range of 500°C - 800°C. 
Multicycle runs were made to test the durability of the 
sorbents. They concluded that CaO-based sorbent (especially 
dolomite) was capable of removing C02 at conditions close to 
those of the coal gas.
1.3. Conventional Shift Process and Current Research
The investigation of current hydrogen production 
processes, coal gasification technology, and favorable results 
from previous research inspired the concept of a new process 
which will possibly improve hydrogen production efficiency.
In the conventional hydrogen production process, 
synthesis gas from a reformer or coal gasifier undergoes shift 
reaction to convert more CO to H2. A detailed review of the 
conventional shift process will be presented in Chapter 2 
(Literature Review), while only one example is discussed at 
this point. A typical industrial process involves multiple 
catalyzed reaction steps with intermediate C02 removal using 
low temperature scrubbing, and associated gas-to-gas heat 
exchange between the shift reaction and C02 removal steps 
(Kohl and Riesenfeld, 1979). If high purity hydrogen is
7
needed, methanation or pressure swing adsorption (PSA) is 
usually employed following the shift reactors (Ahn and Fischer 
1985). Several disadvantages exist in this process. First, 
the process is complicated by multiple reactors, scrubbers, 
and solvent regenerators, which represent a large capital 
cost. The relatively high temperature of the catalytic 
reaction and the low temperature required for wet scrubbing of 
C02 require many heat exchange steps. In addition, the large 
amount of excess steam needed to drive the reversible shift 
reaction contributes a significant fraction to the hydrogen 
production cost. When a low-temperature shift reactor is 
used, more stringent sulfur removal is required because the 
Cu-Zn catalyst is extremely sensitive to sulfur poisoning. 
Finally, although PSA can achieve high purity of hydrogen 
(99.9% or higher, Balthasar et al., 1980), the "Polybed PSA 
unit" working at ambient temperature will create an additional 
energy penalty when hot hydrogen is needed, as for example, in 
NH3 production.
Based on the above analysis and the favorable results 
from the previous research on high-temperature high-pressure 
C02 removal at LSU, a one-step process for the direct 
production of hydrogen from coal gas based upon combining the 
water gas shift (WGS) reaction with C02 removal has been 
studied. The general concept was first proposed by Gluud et 
al. (1931) and later revived by Squires (1967). However, the 
idea was not pursued further because of the availability of
reliable and low-cost methods of C02 removal near ambient 
temperature at that time. It is believed that the one-step 
approach is technically applicable to current commercial 
processes and could improve the efficiency of hydrogen 
production.
1.3.1. Theoretical Basis
The proposed one-step process for the production of 
hydrogen can be represented by the following two reactions:
CO + HzO C02 + H2 (1-2)
CaO + C02 ** CaC03 (1-3)
The water gas shift reaction (1-2) is reversible and 
exothermic. Although a heterogenous catalyst is usually used 
to enhance the reaction rate, previous studies (see Chapter 2) 
show that WGS can occur homogeneously at sufficiently high 
temperature. In their recent research on the bulk separation 
of C02 using a calcium oxide sorbent, Silaban (1993) found 
indirect evidence that the above two reactions take place 
simultaneously at temperatures around 750°C.
The potential of the one-step process for hydrogen 
manufacture may be illustrated by the following thermodynamic 
analysis. The equilibrium constant for water-gas shift 
reaction can be expressed as
By using Barin & Knacke's thermodynamic data (1973), we can 
generate Kp2 as a function of temperature:
log10 = a + bT + cT2 + dr3 + gT4 • (1-5)
where a = 10.56, b = -2.90E-2, c = 3.06E-5, d = -1.41E-8, and 
e = 2.07E-12. Temperature is in Kelvin.
Consider a typical coal gas consisting of 22%(mol) H2, 
30% CO, 8% C02 and 40% H20 (Han and Harrison, 1994) . The 
fractional CO conversion at equilibrium as a function of 
temperature is shown as curve A in Figure 1-1. At the typical 
720.K outlet temperature from a high-temperature shift reactor, 
about 70% of CO may be converted. If a low-temperature shift 
reactor at 550K is employed after intermediate cooling, only 
about 90% CO conversion is achievable. Now, suppose the CaO 
carbonation reaction also takes place. The equilibrium 
constant for reaction (1-3) is
KPz = ~ ~  (1-6)*00,
Kp2 can be expressed as:
log10Kp2 - A + BT + CT2 + DT3 + ET* (1-7)
where A = 47.69, B = -0.13, C = 0.14E-3, D = -0.75E-7, and E
= 0.15E-10 (using Barin and Knacke's data). The valid
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Figure 1-1. Equilibrium CO Conversion Versus Temperature.
Feed Gas Composition
22% H2 30% CO 
8% CO2 40% H2O
A: Shift reaction only
B: Shift reaction with carbonation at 1 atm
C: Shift reaction with carbonation at 25atm
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to 1100°K. An expression for the overall equilibrium for the 
combined reactions is
Ke = KPlKPz = — (1-8)
^CCTHtO
The combined equilibrium is pressure dependent since 
removing C02 causes a decrease in the number of moles in the 
gas phase. The fractional CO conversion at equilibrium for 
the combined reactions (using the same feed gas composition) 
at 1 atm and 25 atm is shown as curves B and C, respectively, 
in Figure 1-1. From the diagram, we see that equilibrium CO 
conversion approaches 100% at 1 atm for temperatures below 
800K, and at 25 atm, essentially complete CO conversion is 
feasible to about 900K, temperatures which are close to the 
temperatures of the outlet gas from a gasifier.
1.3.2. Research Objectives
A commercial process for the one-step production of 
hydrogen would probably be carried out in a dual fluidized-bed 
reactor system with continuous circulation of CaO from 
calciner to carbonation reactor such as shown in Figure 1-2. 
One possible application of this process is in a CGMCFC 
system, where H2 and C02 are primary reactants in the anode and 
the cathode, respectively. A schematic diagram showing the 
proposed fluidized-bed process incorporated in CGMCFC is given 





C0 + H20<--> CO2 + H2 
CaO + CO2 —> CaC03
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Figure 1-3. Advanced Gasification-Carbonate Fuel Cell 
System (from Steinfeld et al., 1991).
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In this research, the experimental effort was carried out 
in a laboratory scale fixed-bed reactor system, with the 
objective of developing an experimental data base, defining 
process parameters, and determining the properties of CaO 
sorbents. The research, together with the work of Silaban 
(1993) and Narcida (1992), was supported by the U.S. 
Department of Energy under the project "A Calcium Oxide 
Sorbent Process for C02 Removal".
The overall objective of this research was to determine 
the feasibility of a simultaneous water-gas shift, high 
temperature C02 removal process to produce hydrogen using a 
small fixed-bed reactor. Experiments were conducted to 
determine the effects of temperature, pressure, space velocity 
and inlet gas composition on system behavior during both 
calcination and shift/carbonation stages. Different CaO-based 
sorbents were tested and multicycle runs were conducted to 
examine sorbent durability at various reaction conditions. 
Due to the continuous conversion of CaO to CaC03, the reactor 
operation was time dependent. A gas chromatograph system was 
used to perform on-line analysis of outlet gas concentration. 
The breakthrough curves were used to compare the performance 
in terms of reactivity and durability. Optimal operating 
conditions suitable for future larger scale processes have 
been determined. Sorbent structural property changes in 
selected runs have been tested by using mercury porosimeter.
CHAPTER 2 
LITERATURE REVIEW
Three major areas are covered in the literature review. 
First, the stages of development in the water gas shift 
reaction are presented. Then various shift processes are 
discussed. The third part concerns research on the CaO 
carbonation reaction.
2.1. Water Gas Shift (WGS) Reaction
In 1870, Thaddeus Lowe first observed the reaction 
between carbon monoxide and water vapor (water gas) through 
coal gasification (Christian et al., 1949). Since then, the 
WGS reaction has been subjected to many theoretical and 
experimental investigations due to its great industrial 
importance. The WGS reaction is one step in many industrial 
processes, such as hydrogen/ammonia production and CO 
detoxification. It is also used to regulate the H2 to CO 
ratio for methanol synthesis. The WGS is an exothermic and 
reversible reaction, and hence is thermodynamically favored at 
low temperature if higher conversion of CO is desired. In 
commercial processes, an operating temperature is chosen to 




2.1.1. Homogeneous WGS Reaction
Although the WGS reaction is usually assisted by a 
catalyst, the literature indicates that it could occur at 
sufficiently high temperature without a catalyst. Gauthier 
(1909) reported that "when CO is heated to about 1200°C in a 
porcelain tube with a variable excess of steam, hydrogen is 
set free with formation of a volume of C02."
Kondrat'ev et al. (1943) studied the shift reaction in a 
quartz tube reactor in the temperature range of 600°C - 800°C. 
They assumed the rate of reaction was first order with respect 
to both CO and H20, reported an activation energy of 5 - 6 
kcal/mole, and proposed a mechanism for the shift reaction. 
The value of activation energy is believed to be too low, 
probably due to the inability of the experimental system to 
measure the product gas concentration with sufficient 
accuracy.
April et al. (1969) compiled kinetic data for many 
reactions that occurred in the char zone of a charring ablator 
at temperatures up to 1250°C. For the WGS reaction, an 
activation energy of 30 kcal/mole and a frequency factor of 
l.OxlO12 cm3/cj-raole-sec were used in the reactor modeling.
2.1.2. Catalytic WGS Reaction
The vast majority of previous studies of the WGS reaction 
have focused on the catalytic option. Generally, shift
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catalysts are divided into two categories: homogeneous
catalysts and heterogeneous catalysts.
Homogeneous Shift Catalysis
Homogeneous catalysts take the form of a fluid (usually 
a liquid solution) and the intention is to enhance a reaction 
at low temperature. Fenton (1970a, 1970b, 1973) was the first 
to describe homogenous catalysis of the shift reaction in a 
series of three patents which claimed that aqueous alcoholic 
solution of a variety of Group VIII metals could promote the 
WGS reaction.
Laine et al. (1988) presented an extensive review on this 
subject which focused on the chemistry of the homogeneous WGS 
reaction. Various mechanisms, complicated by many steps and 
intermediate chemical forms, have been proposed. The 
temperature range of interest is from room temperature to 
200°C. Although increasing the reaction rate at low 
temperature is always exciting, the homogeneous shift 
catalysts are not competitive with heterogenous catalysts, 
which still dominate in industrial processes.
Heterogeneous Shift Catalysis
Many materials can catalyze the water-gas shift reaction, 
and patents relating to new shift catalysts appear frequently 
in the literature. Rofer-De Porter (1984) reports that a wide 
variety of metals including Rh, Co, Fe, Ni, Pt, Pd and Os have
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catalytic activity. These metals may be used either in bulk 
or dispersed on supports such as alumina or silica.
Many metal oxides and metal sulfides will also catalyze 
the reaction. Most commercial catalysts are in the oxide 
form. For several decades, two types of oxide catalysts have 
been used almost exclusively in commercial reactors (Newsome, 
1980) . One is the so-called high-temperature shift catalyst, 
consisting of chromia promoted iron oxide. The operating 
temperature is in the range of 350°C - 450°C. The second, a 
low temperature shift catalyst, is a mixture of copper and 
zinc oxides whose active temperature is from 200°C to 250°C. 
MgO is a known shift catalyst (Gluud, 1931) but no references 
to CaO as a catalyst have been found.
Moe (1962) studied the kinetics of the WGS reaction using 
a high temperature Cr203-Fe203 catalyst. The reversible rate 
equation was expressed in a power law form and was first order 
with respect to each reactant. A 10 kcal/mol activation 
energy was reported.
Bohlbro (1969) pointed out that widely different and even 
conflicting results for the high temperature shift kinetics 
appear in the literature. One of the main reasons, he 
mentioned, was due to some kinetic data being taken under 
diffusion limitations. He correlated kinetic control data for 
a rate equation of the form;
r = \  [ co]1 [h2o] ̂  [ co2]n [#3]g* (i -P) (2"1)
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0 =     —H iCtCO] [H20]
= tco21 [H2] (2 -2 )
where K is the equilibrium constant. The following values 
were obtained for the parameters: 1 = 0.9 - 1; m = 0.25 - 0.5? 
n = -0.6? q = 0 - -0.1. The activation energy was in the 
range of 14 - 30 kcal/mol.
Shchibrya et al. (1965) considered the kinetics for a CuO 
- ZnO based shift catalyst with a particle size of 0.1 to 1 mm 
which ensured no diffusion resistance. They found that the 
kinetics of the shift reaction was accurately describe by:
where A is a constant and k is the rate constant with an 
activation energy of 27 kcal/mol.
Newsome (1980) discussed the structural and kinetic 
properties of these two catalysts and concluded that, for the 
high-temperature catalyst, reaction rate is proportional to 
[H20]0,5. Consequently, a large amount of steam is needed in 
order to increase the reaction rate. Newsome (1980) also 
reported that the low-temperature Cu-Zn based catalyst is 
completely sulfur intolerant. Only 1 ppm of H2S will 
deactivate the catalyst.
Another material which is receiving increased attention 
as an industrial water-gas shift catalyst is sulfided cobalt 
oxide-molybdenum oxide on alumina (Overstreet, 1974). The
r _ J: (2-3)
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advantages of this catalyst are that it is insensitive to 
sulfur poisoning and its active temperature range covers that 
of both iron-based and copper-based catalysts. BASF and 
Haldor-Topsoe have commercially marketed this kind of catalyst 
(Ahn et al., 1985) .
2.2. Shift Processes
2.2.1. Conventional Shift Processes
There are three commercial shift processes commonly used 
today. All are catalytic processes and usually a high- 
temperature iron-based catalyst and/or low-temperature copper- 
based catalyst is used. When complete CO conversion is not 
necessary, a single stage reactor using the high-temperature 
catalyst may be employed. The exit gas composition approaches 
that corresponding to chemical equilibrium at the operating 
conditions. C02 may be removed by absorption, and the product 
is suitable, for example, for methanol synthesis. The other 
two processes may be employed to achieve essentially complete 
CO conversion. Both begin with a first stage reactor using 
the high-temperature shift catalyst. In the first process, 
the C02 gas produced in the first-stage reactor is removed by 
scrubbing, and the C02-free gas is fed to a second stage 
reactor at conditions similar to the first stage. Due to the 
intermediate C02 removal, the water-gas shift equilibrium is 
altered and essentially complete CO conversion is reached in
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the second stage. Kohl and Riesenfeld (1979) discussed this 
process ■ and a flow diagram is given in Figure 2-1. 
Alternately, the product from the first stage reactor may be 
cooled (without C02 removal) and fed to a second reactor 
containing low-temperature shift catalyst. From the previous 
thermodynamic analysis, we know that the water-gas shift 
reaction is favored at low temperatures. The reduced 
temperature in the second stage is sufficient to achieve the 
desired CO conversion level without intermediate C02 removal. 
Figure 2-2 (Rase, 1977) shows a diagram of this process. An 
external heat exchanger is used for temperature adjustment.
In both processes, in order to obtain high purity H2, a 
C02 separation process is needed. In addition to C02 removal 
by absorption, pressure swing adsorption has been widely used 
for this purpose. In a pressure swing process, a zeolite 
molecular sieve is usually employed to adsorb C02 at high 
pressure, and desorption is accomplished by reducing the 
pressure at a constant temperature and then purging the 
sorbent at low pressure. Compared with the conventional wet 
scrubbing process, pressure swing adsorption can result in 
very high purity H2 (99.9%) since H2 is essentially 
nonadsorbed. However, the venting and low pressure purge 
operation cause a greater hydrogen gas loss (Kohl and 
Riesenfeld, 1985; Ruthven, 1969).
Both high-temperature and low-temperature catalysts are 























Figure 2-1. The Shift Process Using Two High - Temperature 
Reactor With Intermediate C02 Removal 







CO shift C 02 C 02
converter absorber stripper
Figure 2-2. The Shift Process Using A High - Temperature 
Reactor Following by A Low - Temperature 
Reactor (from Rase, 1977).
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temperature from a hydrocarbon reformer is 850°C (Vannby, 
1991) , and that from a coal gasifier is about 600-900°C 
(Heller, 1983), initial gas cooling is required, which is not 
favorable in terms of efficiency.
2.2.2. Novel Shift Concepts
Another trend in the shift process which is receiving 
great interest is coupling the catalytic shift reaction with 
H2 separation using a membrane reactor. Uemiya et al. (1991) 
studied the shift reaction assisted by a palladium membrane at 
400°C. It was reported that the membrane reactor provided 
levels of CO conversion beyond the normal equilibrium values, 
and that very high purity H2 was produced. The stability of 
the membrane and the gas loss during separation are two major 
concerns for the process.
Gluud et al. (1931), in their patent, reported a high 
temperature fixed-bed reactor process which employed calcined 
dolomite to achieve simultaneous shift conversion and C02 
removal for H2 production. The overall reaction is
[CaO + MgO] + CO + HzO * [CaC03 + MgO] + H2 (2"4)
MgO served as a shift catalyst. Removal of C02 from the gas 
phase by reaction with CaO permitted the reaction to go to 
completion at temperatures as high as 700°C.
Squires (1967) identified a number of disadvantages 
associated with Gluud's fixed-bed process. First, because the
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shift reaction is exothermic, significant temperature 
increases will occur in the fixed-bed and careful control of 
the reactor temperature is required. Gluud et al. proposed to 
control the temperature by interrupting the process and 
cooling the partially reacted sorbent. On the other hand, 
calcination of the spent sorbent - CaC03 - is endothermic and 
Gluud et al. proposed that the required energy be supplied by 
direct contact fuel combustion. Large quantities of excess 
air were required to keep the calcination temperature below a 
level at which solid reactivity would suffer. Squires (1967) 
pointed out that these limitations contributed to the poor 
thermal efficiency and the cyclic nature of the fixed-bed 
system. He suggested a fluidized-bed process to overcome 
these difficulties. A two-bed process with continuous 
transfer of spent sorbent from the shift reactor to 
regenerator and recycle of the regenerated sorbent in the 
opposite direction would result in a steady state process. 
Hot-spotting and thermal excursions would be eliminated since 
the fluidized-bed would be effectively isothermal. Squires 
also proposed calcined dolomite as the C02 sorbent and 
concluded that dolomite is sufficiently durable to withstand 
fluidization. But neither Gluud nor Squires reported any 
experimental data.
The C02 acceptor process (Curran et al., 1967) was based 
upon the gasification of bituminous coal char* and used 
calcined dolomite as the carbon dioxide acceptor. Half­
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calcined dolomite was regenerated in a separate reactor and 
then was transferred to the gasifier. In the gasifier, CaO 
also captured sulfur by reacting with H2S to form CaS. It was 
found that the shift reaction and the reaction of CaO with C02 
occurred simultaneously at the temperature range of 813°C- 
890°C.
2.3. Fundamental CaO Carbonation Studies
Both the kinetics and the structural changes in the 
calcination and carbonation reactions have been reviewed.
2.3.1. Calcination/Carbonation of CaO based Sorbents
Dedman and Owen (1962) studied the reaction of C02 and 
calcined limestone in the temperature range of 100-600°C at 
the pressure range of 10 to 600 mmHg. The reaction was found 
to be independent of C02 pressure since the pressure range was 
far from the equilibrium pressure of the Ca0-C02 reaction. 
The reaction was initially very rapid followed by a much 
slower reaction. The slower second stage reaction was 
attributed to the diffusion of gases in pores. An activation 
energy of 9.5 ± 2 kcal/mol between 200 and 600°C was found for 
the second slower stage.
Barker (1973) examined the reversibility of the reaction 
between CaO and C02 at 866°C by using a thermogravimetric 
analyzer. The calcium carbonate particle size was in the 
range of 2 to 20 /an. Multiple cycle runs (up to 40) were
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conducted using limestone as a sorbent and typical results are 
given in Figure 2-3. Calcination was always complete. Each 
recarbonation started with a very rapid initial period 
followed by an extremely slow rate stage. The transition from 
the rapid to the slow reaction stage occurred at progressively 
lower fractional carbonation values with increasing cycle 
number. After about 24 hours in a single cycle, the 
carbonation, as shown in the figure, was almost complete.
Several researchers have provided explanations for such 
reaction behavior (Barker, 1973, Silaban, 1993). Natural 
limestone is essentially nonporous. During calcination, pores 
are created within the solid as C02 is driven off. Upon 
carbonation these pores are refilled. Carbonation occurs 
preferentially at the particle exterior and the end of the 
rapid reaction stage corresponds to total surface pore 
closure. The remaining unreacted CaO within the particle is 
carbonated very slowly since further reaction is controlled by 
solid state diffusion of C02 through the nonporous carbonate 
layer.
In order to determine the critical thickness of the CaC03 
layer which was formed before diffusion became controlling, 
Barker (1974) chose a calcium carbonate particle size of 20 nm 
to study the recarbonation reaction. Calcination was 
performed at 629°C under N2 and recarbonation at 577°C 



















Figure 2-3. CaC03 Calcination and Recarbonation
(a) 24 hr. recarbonation
(b) multiple short cycles (Barker, 1973).
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recarbonation was achieved during the rapid reaction phase and 
this value remained essentially constant through 30 cycles. 
However, the particle size of about 20 nm is impractical for 
commercial use.
Oakeson and Cutler (1979) concentrated on the diffusion- 
controlled reaction between CaO and C02 using a microbalance 
over a temperature range of 853 to 1044°C under C02 pressures 
between 2.35 and 24.89 atm. They found that the rate of 
reaction followed the parabolic correlation with time, 
especially at longer time. The pressure dependence of the 
reaction rate was related to a Langmuir-type adsorption 
isotherm. The diffusion activation energy was reported to be 
29 ± 6 kcal/mol.
Bhatia and Perlmutter (1983) investigated the kinetics of 
the C02-lime reaction in a TGA under a mixture of C02 and N2 at 
one atmosphere over temperature range of 400 to 725°C. Using 
a random pore model (Bhatia and Perlmutter, 1980 and 1981), 
they found an average value of the rate constant of 0.0595 ± 
0.0018cm3/gmol. s for the initial rapid reaction and an 
activation energy for the diffusion controlled reaction of 
88.9 ± 3.6 kj/mol below 515°C and 179.2 ± 7 kj/mol above 515°C. 
The temperature of 515°C was close to the Tamman temperature 
of CaC03 (about 523°C) suggesting a change in the solid state 
diffusion process at that temperature.
Dhupe and Gokarn (1987 and 1990) mixed dolomite with 
metallurgical grade silicon powder to study the effect of
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inert solid on the carbonation reaction. They reported that 
there was an optimum inert concentration in a sorbent pellet 
which gave a maximum C02 uptake. However, they gave no clear 
explanation of the result. While the extent of reaction could 
be improved, the ultimate C02 capacity was decreased by adding 
the inert material to CaC03.
Mess (1989) used a TGA to investigate product layer 
diffusion in the carbonation of CaO under C02 pressures up to 
12 atm at temperatures from 550°C to 1050°C by using nonporous 
CaO particles. His experimental results showed that at 
temperatures of 600°C or above, the CaC03 product layer on the 
CaO particles contained crystalline grains whose sizes varied 
from less than l /xm to as large as a whole particle (20 /an) . 
At T > 900°C, the reaction rate was first order in C02
pressure. The activation energy in the steady state diffusion 
controlling region was 56.9 kcal/mol.
In his recent dissertation, Silaban (1993) studied the 
kinetics of the calcination and carbonation reactions as a 
function of temperature, pressure, C02 concentration, and 
background gas composition. Three sorbent precursors, calcium 
carbonate, hydrated calcium acetate and dolomite, were 
selected for kinetic studies. Multicycle runs were conducted 
to test sorbent durability. It was concluded that dolomite 
possessed better reactivity and durability than calcium 
carbonate, and that calcium acetate had comparable-reactivity 
to dolomite but poorer durability. A set of optimum operating
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conditions, including a calcination temperature of 750°C and 
a carbonation temperature range of 650 - 750°C, were also 
reported. When results using a sulfur-free simulated coal gas 
were compared to results from a C02/N2 mixture, improved 
sorbent reactivity was observed, as shown in Figure 2-4. One 
possible explanation is that more C02 was produced by the 
water gas shift reaction so that the carbonation rate was 
enhanced.
2.3.2. Structural Changes during Calcination/Carbonation 
Reactions
As mentioned earlier, structural changes which occur 
within the reacting solid during the calcination-carbonation 
cycles are very important in understanding the behavior of the 
Ca0-C02 reaction. In addition to chemical reaction, high 
temperature sintering can also cause changes in the structural 
properties (Caillet and Harrison, 1982). Sintering is the 
phenomenon in which fine particles in contact with each other 
agglomerate when heated to a suitable temperature.
Glasson (1958) measured the specific surface areas of CaO 
produced from Ca(0H)2, CaC03 and CaC204.H20 calcined at 
different temperatures. The surface areas of the precursors 
were 4.9, 2.5 and 1.9 m2/g , respectively. The corresponding 
maximum surface areas of the three calcines were 85.4 m2/g at 
400°C, 43.2 m2/g at 750°C and 46.6 m2/g at 700°C. Sintering 
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Figure 2-4. Comparison of Carbonation Results Using Simulated 
Coal Gas and C02/N2 Only (from Silaban, 1993).
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Borgwardt et al. (1984) investigated surface area changes 
during calcination and carbonation of Fredonia White 
Limestone. Originally, the limestone, containing 95% CaC03 
and 1.3% MgC03, had a porosity of 8%, a BET surface area of 
2.2 m2/g and a grain size of 2 /xm. After calcining at 700°C 
for 90 seconds, a BET surface area of 79 m2/g was obtained. 
Sintering was observed at higher calcination temperatures 
and/or longer calcination times. At 700°C, a sintering period 
of 20 minutes reduced the surface area to 40 m2/g with a 
further reduction to 32 m2/g after 60 minutes. With a 30 
minute sintering period, temperatures of 850°C and 950°C 
yielded 27 and 6 m2/g, respectively. In another paper, 
Borgwardt (1985) measured the BET surface areas of two 
calcined limestones from different sources. Surface areas in 
the range of 50-60 m2/g were reported when calcination 
occurred between 850 and 1075°C.
Beruto et al. (1988) measured surface areas and 
porosities of decomposed reagent-grade CaC03, Ca(0H)2, 
CaC204.H20, and Ca(CH3COO)2 powders. Table 2-1 lists the 
decomposition temperatures, specific surface areas and pore 
volumes of the CaO obtained. Carbonation of the resulting CaO 
was carried out at 685°C and 3.8 kPa. It was found that 
oxides from the acetate and oxalate samples reacted almost 
completely to form CaC03, and the high reactivity was 
attributed to the large pore volumes.
Table 2-1
Surface Area and Pore Volume of CaO 


















Ca(OH)2 581 137 0.248 0.65
CaC03 878 87 0.266 0.72
Ca(C2H302)2*H20 878 90 0.376 0.97
CaC204*H20 878 130 0.451 0.96
from Beruto et al., 1988.
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Delucia (1985) studied the multicycle behavior of the 
calcination-carbonation reaction using C02 at atmosphere 
pressure over the temperature range of 50 to 800°C. The CaO 
particles were observed to undergo a volume decrease of 10-25% 
during calcination, which was used to explain the decrease in 
reactivity of CaO by 10-25% per cycle.
Narcida (1992) measured the structural properties 
(surface area, pore volume and pore size distribution) of the 
three calcium-based sorbent precursors studied by Silaban 
(1993) -- reagent grade calcium carbonate, reagent grade
calcium acetate hydrate and dolomite -- at various stages 
through two complete calcination/carbonation cycles. 
Calcination was conducted at temperatures of 900°C and 750°C 
in a N2 atmosphere. Carbonation was conducted at temperatures 
of 550°C and 750°C in 15% C02/85% N2 at 1 atmosphere.
Sintering of the calcined sorbents was tested at temperatures 
of 750°C, 900°C and 1000°C and times of 10 minutes, 1 hour and 
6 hours. Typical pore size distributions of the three 
sorbents at different reaction stages are shown in Figures 2-5 
to 2-7. The surface area and pore volume after different 
stages of calcination and carbonation are given in Table 2-2.
The following conclusions were reached from Narcida's 
(1992) research. Calcined sorbents have higher surface area 
and pore volume in comparison with precursor and carbonated 
sorbents. Submicron pores were created by calcination of the 










Figure 2-5. Pore Size Distribution of Reagent Calcium
Carbonate at 750°C for 1 hour (from Narcida, 1992) .
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A: As Received 
B: Calcined at 300C 
C: Calcined at 550C 




Figure 2-6. Pore Size Distribution of Reagent Calcium Acetate
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Figure 2-7. Pore Size Distribution of Dolomite Calcined at
750°C for 1 hour (from Narcida, 1992).
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Calcined at 750°C, 1 atm in N2 for 1 hour 
Carbonated at 750°C, 1 atm, 15% C02/N2 for 1 hour 
Pore diameter range from 0.02 to 1.0 microns
were created in the calcium acetate and the dolomite. The 
carbonation step produced complete pore closure for the 
calcium carbonate, complete closure of submicron pores and 
partial closure of micron-sized pores for the acetate, and 
partial closure of both submicron and micron-size pores for 
the dolomite. Longer sintering time and higher sintering 
temperature systematically reduced the surface area. However, 
pore volume was not affected by the sintering conditions.
CHAPTER 3
EXPERIMENTAL APPARATUS AND PROCEDURE
This chapter discusses the experimental equipment and 
procedures used in this research. The first section describes 
the reactor system, including synthesis gas feed system and 
the fixed-bed reactor. Difficulties encountered in running 
the system and stages of modification are also covered. The 
second section discusses the specifics of the gas 
chromatography system for real time composition analysis. The 
major sorbents used in the experiment are presented in section 
three, followed by a brief description of the equipment used 
for sorbent structural analysis. Finally, the procedure for 
a complete run using the fixed-bed reactor is given in section 
five.
3.1 Fixed-bed Reactor System
This research is experimental, and a major challenge has 
been the design of an effective and operable fixed-bed reactor 
system, which includes synthesis gas simulation, a fixed-bed 
reactor and parameter control devices. A schematic 
representation of the system is shown in Figure 3-1. Gaseous 
feed components were obtained from high purity gas cylinders 
regulated by high pressure regulators. Porter Instruments 
Model 201 high pressure mass flow controllers were used to 
control flow rate, A Matheson Model 6183 filter and a dryer
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Figure 3-1. Schematic Diagram of Fixed-Bed Reactor System.
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were placed in each gas line to prevent foreign material from 
contaminating the sensitive mass flow controller. Check 
valves and on/off valves were installed to prevent back flow 
due to possible pressure change during the experiment. Liquid 
water was added using a high pressure syringe pump (Harvard 
Apparatus Model 909). Feed lines were heat traced using 
voltage control devices (Cole-Parmer Instruments) to insure 
that the water vaporized as it mixed with the permanent gases.
Reactant gases entered from the bottom of the reactor, 
were preheated while flowing upward in the annular space 
between the pressure vessel and the reactor insert, and then 
flowed downward to reach the sorbent. After reaction, the 
product gases from the reactor were directed through a 
condenser, a back pressure regulator (BPR) , and a manual valve 
to the GC system. During sorbent calcination, nitrogen flowed 
into the reactor and the feed gases were prepared through a 
side stream, which contained an identical condenser and a BPR.
The reactor consisted of three major parts: pressure 
vessel, reactor insert and an ungrounded thermowell containing 
six axially spaced thermocouples. The details including 
dimensions are shown in Figure 3-2. All parts were made of 
316 stainless steel. Sorbent inside the reactor insert was 
divided into four axial sections by porous stainless steel 
discs. This configuration permitted each section to be 
removed separately, so that the extent of reaction and 
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Figure 3-2. Refined Schematic of the Fixed-Bed Reactor.
axial position. The additional section below the sorbent held 
quartz wool whose objective was to minimize the possibility of 
small particles of sorbent passing through the exit gas lines. 
The thermowell containing six K-type thermocouples was 
positioned through the center of the sorbent bed. The top 
thermocouple measured the temperature of the preheated gases 
before they contacted the sorbent. The next four 
thermocouples were positioned at the approximate mid-point of 
each section of the sorbent bed, thus permitting the progress 
of the exothermic reaction front through the packed bed to be 
monitored directly. The sixth thermocouple was positioned in 
the product gas near the O-ring pressure seal, and was 
monitored to prevent overheating in that critical area. A 
multiple pin plug and K-type thermocouple wire were used to 
transfer the thermocouple signal to the recording device. An 
IBM computer was used to record the temperature data every 
minute during a run using a Strawberry Tree hardware 
interface.
A single zone split-tube furnace (Applied Test System 
Series 3210) equipped with a temperature controller (Model 
2010) and CFE Model 2040 limit controller was used to maintain 
the reactor temperature. The temperature controller contains 
a microprocessor and is programmable with capacity of up to 8 
ramp-and-soak intervals and up to 254 cycles. The limit 
controller is designed to shut down the furnace when the 
furnace temperature exceeds 1000°C. The system pressure was
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controlled by two back pressure regulators (Tescom Series 26- 
2300) , one for the reactor system and one for the feed gas 
preparation (side stream). Condensers were used to condense 
water from both feed gas and product gas lines before entering 
the GC sampling loop.
This fixed-bed reactor system is applicable to the study 
of any gas-solid reaction. The reactor has a capacity of 10 
to 15 grams of solid, and has temperature and pressure limits 
of 1000°C and 300 psig, respectively.
The fixed-bed system underwent many modifications due to 
difficulties encountered during the experimental program. 
Several important revisions are discussed here. The reactor 
system shown in Figure 3-1 is the final version which has 
functioned very well.
Reactor Loading/Unloading
In the original reactor design, a 316 stainless steel 
tube which was split axially was used inside the reactor 
insert to support the bottom disc (Figure 3-3) . Accessory 
equipment was designed to load and unload sorbent by moving 
the reactor insert relative to the thermowell. Due to the 
large resistance between the sorbent and the reactor inside 
wall, difficulties were encountered in collecting individual 
sorbent sections after high temperature, high pressure runs. 
Several modifications were tried, including designing an 















Figure 3-3. Diagram of the Original Fixed-Bed Reactor.
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but all of them failed because of the large ratio of reactor 
length to diameter. The reactor was modified to the design 
shown in Figure 3.2, and a new way of loading/unloading 
sorbent was developed. Since then, no problems in loading and 
unloading have been encountered.
Dead Volume
Unsteady state operation is an intrinsic property of any 
fixed-bed gas-solid noncatalytic reaction system. Hence, 
minimizing the dead volume is very important if the product 
gas analysis is to reflect the current conditions in the 
reactor. Using small size tubing (1/8") and replacing large 
condensers with small ones proved to be very effective. 
Further reduction of the dead volume was realized by removing 
filters from the product gas lines. Some dead volume was 
unavoidable and there was still an appreciable time lag 
between adjusting the valve position to introduce reactive 
gases to the reactor and the time those gases reached the 
chromatograph sampling valve. A series of nonreacting tracer 
response tests were conducted to evaluate the delay time, tD, 
as a function of space velocity, pressure, and temperature. 
Results of these tests are detailed in the next chapter.
Steam Condensation
High pressure steam used in this process . has given 
various problems. First, all the lines where the steam
possibly appeared had to be heat traced and the temperatures 
had to be carefully monitored in order to prevent 
condensation. In the original design, only check valves were 
used after mass flow controllers. It was found that the check 
valves were not very reliable in preventing backflow of water 
vapor. Due to pressure variation during the experiments, 
water vapor flowed back to the mass flow controllers, clogged 
the orifices, and caused them to malfunction. New manual 
valves and careful flow handling methods (described in the 
experimental procedure) were developed to solve the problems.
3.2 Gas Chromatography System
The analytical train consisted of a Shimadzu Model GC-14A 
gas chromatograph equipped with an automatic sampling valve, 
dual columns, and both thermal conductivity (TCD) and flame 
ionization (FID) detectors. Ultra high purity argon was 
chosen as the carrier gas. A Carboxen 1000 column was used to 
separate H2, N2, CO, and C02; optimum operating conditions and 
valve timing were found by trial and error. A HayeSepN column 
was used to absorb the small amount of water vapor which might 
escape the condenser. A schematic diagram showing the steps 
of GC operation is given in Figure 3-4. A manually operated 
four-port valve was employed before the automatic ten-port 
sampling valve to switch between feed and product gases. As 
shown in Step 1, reactor product gas flowed into the sampling 
















GC OPERATION— STEP THREE
C1, C2: Carrier G ases (Argon)
CBX: Caboxen 1000 Column 
HSN: HayeSep N Column 
TCD: Thermal Conductivity Detector 
FID: Flame Ionization Detector 
METH: Methanator
Figure 3-4. Schematic Diagram of GC Sampling Sequence.
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and to vent. The sampling loop was maintained at a constant 
temperature so that the same amount of gas was picked from the 
gas stream. Carrier gas Cl passed through the ten-port valve, 
and through the Carboxen column and the detectors. Carrier C2 
flowed into the ten-port valve, through the HayeSepN column, 
back to the ten-port valve, and to vent. In Step 2, gases to 
be analyzed were first directed to the HayeSepN column which 
served as a guard bed to trap trace quantities of water vapor 
which escaped the condenser. When the permanent gases reached 
the Carboxen column, the automatic sampling valve was switched 
to the position shown in Step 3. While permanent gases were 
separated in the Carboxen column, the HayeSepN column was 
backflushed by argon to prevent build-up and leakage of H20 
vapor into the Carboxen 1000 column.
The sample gases were separated in the Carboxen column 
and passed to the thermal conductivity detector. The TCD was 
used to detect H2, N2, and large concentrations (a 0.5%) of CO 
and C02. When the concentrations of CO and C02 were below the 
detection limit of the TCD, -column-—effluent was - directed 
through a ruthenium-catalyzed methanizer where CO and C02 were 
converted to CH«, and analysis was completed using the more 
sensitive FID. Ultra high purity hydrogen was fed into the 
methanizer and the flow rate was adjusted so that all the 
carbon oxides were converted into methane for FID analysis. 
In order to prevent carbon deposition in the methanizer when 
the product contained high concentrations of CO and C02, a
52
three-way valve was placed between the TCD and the methanizer 
to switch off the FID when the carbon oxide concentration 
exceeded about 1%. This system permitted the continuous 
analysis of CO and C02 from low ppm levels through several 
percent. Some uncertainty was present near the 0.5% range 
where the TCD sensitivity was limited, and the quantity of CO 
and C02 tended to overwhelm the capacity of the methanator.
Shimadzu EZChrom Version 5.0 software was used for GC 
data acquisition and processing. Reactor product gases were 
sampled every 8.5 minutes, which proved to be frequent enough 
to show the component breakthroughs under most operating 
conditions.
Seven standard gas mixtures consisting of CO, C02, H2 and 
N2 from Matheson Inc. were used for GC calibration. 
Recalibrations were conducted several times when signs of 
shifting of the GC operating conditions were detected. 
Detailed calibration results will be presented in the next 
chapter, while two examples are discussed here.
A typical chromatogram for a calibration gas mixture 
consisting 10% H2, 70% N2, 10% CO and 10% C02 is shown in
Figure 3-5 (a) and (b) . The four peaks in the TCD response 
clearly show that the components were separated. However only 
the TCD was used in this case because CO and C02 
concentrations were too large for the methanator. Figure 3-5 
(c) and (d) show both TCD and FID responses for a gas mixture 
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Figure 3-5. Chromatogram for Two Gas Mixtures.
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CO and C02 were detected by the FID, while only H2 and N2 were 
shown on the TCD because of the low concentration of CO and 
C02. At 3.2 minutes, the sampling valve was switched back to 
its normal position.
Figure 3-6 shows a typical reactor response in terms of 
C02 concentration (TCD analysis) and reactor temperature 
history during calcination and combined reaction stages. As 
received dolomite was heated at a rate of 5°C/min under N2 at
3.3 atm. Calcination began when the temperature reached about 
520°C. The first peak in curve B of Figure 3-6 corresponded 
to the calcination of MgC03, and the second peak to 
calcination of CaC03. The C02 material balance was checked by 
comparing the total C02 moles detected during calcination with 
the initial C02 content in the sorbent. The C02 material 
balance typically closed to within ±5%. When calcination was 
completed, the reactor was cooled to 550°C and maintained at 
that temperature while the feed gases were pressurized to 15 
atm and analyzed by the GC, as shown by the third "peak" of 
curve B. At t = 354 minutes, the feed gases were switched to 
the reactor and the combined shift and carbonation reactions 
began. Figure 3-7 gives a better representation of the 
reactor response during this carbonation/shift reaction stage.
As shown in Figure 3-7, during the earlier time period 
(prebreakthrough), CO and C02 concentrations (dry basis) were 
effectively constant at about 80 and 300 ppm, respectively, 
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Figure 3-7. TCD and FID Results of Product Gas Concentrations 




by the FID. Hydrogen concentration was at its maximum during 
this time. CO and C02 breakthrough began at t = 425 minutes 
and the concentrations increased rapidly until a second steady 
state was reached at about t = 455 minutes. A decrease in the 
Hj concentration accompanied the CO and C02 breakthrough. The 
beginning of the postbreakthrough period corresponded to 
effectively complete conversion of CaO to CaC03, and only the 
shift reaction occurred during this period.
Figure 3-8 shows the movement of the temperature front 
through the sorbent bed in a plot of temperature deviation 
from the set point as a function of time. The temperature in 
the top section of the packed bed was approximately 10°C 
higher than the bottom section temperature, and the combined 
shift and carbonation reactions (both exothermic) produced a 
temperature increase of about 15°C as the reaction front 
passed each thermocouple position.
3.3 Sorbent Precursor Description
Dolomite (obtained from National Lime Co., Findlay, Ohio) 
was chosen as the primary sorbent on the basis of favorable 
carbonation results in previous studies (Siliban 1993, Narcida 
1992) . A brief description of the sorbent composition is 
given in Table 3-1. Several other materials were also tested 
for comparison purposes. The dolomite was received in
relatively large chunks. These materials were crushed and
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Loss on ignition after calcination at 1800°F - 47.4%
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For most runs, dolomite having a size range of 149-210 nm was 
used, although other particle size ranges were also tested.
3.4 Sorbent Structural Property Measurement
The structural property measurements focused on pore 
volume and pore size distribution. Only selected sorbent 
cases were chosen for structural tests due to the earlier 
detailed study of structural properties by Narcida (1992).
An Autopore II 9220 porosimeter from Micromeritics 
Instrument Corporation, which used the mercury intrusion 
method, was employed to determine the total pore volume and 
pore size distribution. The porosimeter has two subsystems - 
low pressure/vacuum and high pressure (Narcida 1992) . ]h the 
low pressure/vacuum subsystem, the sample was first evacuated 
to 50 /imHg by a vacuum pump. Then appropriate valves were 
opened and mercury from the reservoir was introduced to fill 
the sample. The air pump was used to increase the sample 
pressure to 30 psia, so that inter-particle voids were filled 
with mercury. The mercury traps were employed to drain excess 
mercury for safe operation. In the high pressure subsystem, 
the sample filled with mercury was exposed to high pressure 
through the hydraulic pump and the intensifier. The raw data 
recorded was the intrusion volume as a function of pressure.
The porosimeter has a capability of detecting pores in a 
range of 0.003 to 4000 j*m. However, pores between 0.01 to 6 
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results for calcined dolomite, where cumulative pore volume 
and log differential pore volume are plotted versus pore 
diameter. As clearly shown in Figure 3-9, the calcined 
dolomite has a pore size range of 0.02 to 0.1 /xm with a peak 
in about 0.08 /xm.
3.5 Experimental Procedure in Running the Fixed-Bed Reactor 
System
Four portions of the sorbent precursor were weighed using 
a Sartorius balance and each portion was added to one section 
of the reactor (~ 2.6 cc). A specially designed device was 
used to assist in loading the sorbent into the reactor after 
a quartz wool section had been put in the bottom. The sorbent 
was packed as uniformly as possible to prevent any large 
internal spaces. Then the reactor insert, together with the 
thermocouple well, was connected to the pressure vessel with 
o-ring seals used to maintain operating pressure. N2 from a 
high pressure cylinder was fed at 800 seem using a mass flow 
controller to build up the system pressure to 15 atm after all 
the lines had been connected. A soap bubble detector was used 
to check for leakage, particularly around the reactor coupling 
area. If no leak was detected, the system pressure and N2 
flow rate were readjusted to operating conditions for 
calcination. If the feed gas contained water, heating tape 
was wrapped around the reactor coupling area to insure that no 
water condensed there.
After the desired pressure and flow rate were achieved, 
power was supplied to the furnace to initiate heating at a 
rate of approximately 5°C/minute. There were two stages in a 
typical one cycle run: calcination stage and combined
carbonation and shift reaction stage. Calcination usually 
took 3 to 4 hours depending upon the temperature and flow 
rate. During calcination, reactive gases for the shift- 
carbonation reaction stage were prepared using the side 
stream. Permanent gases including CO, H2, C02 and N2 came from 
separate high pressure cylinders and flow rates were adjusted 
according to the desired operating conditions. The gas line 
was heated to insure vaporization of water. After the 
temperature along the gas line was steady, liquid water was 
supplied by the precalibrated high pressure syringe pump and 
was vaporized as it mixed with the permanent gases. The 
product gas during calcination was directed to the GC for 
composition analysis. At the end of calcination, the power 
supply to the furnace was shut off and the temperature 
controller was reprogrammed to the desired temperature for the 
shift-carbonation reaction stage. Both the reactor system and 
feed gas pressures were readjusted by using separate back 
pressure regulators to the same value. All heated areas were 
rechecked to insure water vaporization at the new pressure. 
Before the start of the shift-carbonation reaction, feed gas 
was directed to the GC to check its composition.
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When the system temperature, pressure, and feed gas 
composition reached desired levels, feed gas was directed into 
the reactor and product gas was directed to GC.
During the early stages, CO and C02 concentrations were 
closely monitored using the FID (Figure 3-7). CO and C02 
concentrations were generally small during this period and 
were below the TCD detection limit. At breakthrough, the CO 
and C02 concentrations began to increase and when the 
concentrations were above 1%, the FID was switched offline, 
and the TCD was used for further analysis. 3 to 3.5 hours was 
the typical time span for the combined reactions.
At the end of the test, the reactive gases were switched 
to the side stream and a flow of N2 (500 seem) was used to 
purge the reactor. At the same time, the water supply was 
stopped, the side stream pressure was slowly reduced, and the 
N2 flow rate was increased to prevent possible back flow of 
vapor to the mass flow controllers. When the side stream 
pressure reached 1 atmosphere, the flow of CO, H2, and C02 was 
stopped and the on/off valves in these lines were closed to 
isolate the mass flow controllers. After enough time (about 
30 minutes) for the water vapor to be purged from the reactor, 
the power supply to the furnace was shut off. The reactor 
system was depressurized when it cooled to about 400°C, a 
temperature at which calcination would not occur.
After reaching room temperature, the reactor-insert was 
removed from the pressure vessel, and the sorbent was removed
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section by section, and stored for possible subsequent 
structural property analysis. Liquid water in the two 
condensers was also collected for material balance check. The 
reactor was cleaned and dried for future runs.
For some tests where the calcination gas contained 
nitrogen and water, both N2 lines were used during calcination 
to prevent water vapor from entering the inactive feed gas 
lines. The water was introduced to the reactor only when the 
reactor temperature reached the point at which the water would 
not condense.
The experimental procedure described above was followed 
for one complete calcination and combined reaction cycle. 
Many of the experimental tests were continued for several 
cycles. The procedure was similar but involved additional 
switching of reactive gases between the reactor and the by­
pass lines between the calcination and combined reaction 
cycles. Because one single cycle run usually took about 12 - 
14 hours, multicycle tests had to be conducted over several 
days. At the end of one cycle, the sorbent stayed in the 
reactor overnight at 15 atm and about 500°C in a N2 atmosphere. 
These conditions were set to ensure that no calcination took 
place between cycles, and that the system temperature was well 
below the temperature at which sorbent sintering could occur.
CHAPTER 4
EXPERIMENTAL RESULTS AND DISCUSSION:
PRELIMINARY TESTS
This chapter presents the results of the preliminary 
studies which include the temperature response of the fixed- 
bed reactor under nonreacting conditions, chromatograph 
analytical method development and calibration, reactor system 
dead volume evaluation, and a series of initial reaction 
tests. These studies set the basis for future runs, provided 
important parameters for analysis of results, and showed the 
capability of the experimental system under a wide range of 
conditions. Preliminary reaction tests focused on calcination 
and carbonation of calcium oxide based sorbents. Reaction 
conditions were chosen based on the previous research by 
Silaban (1993). Commercial dolomite was used as sorbent 
precursor for most of the runs and marble chips were tested 
for comparison purposes. Finally, one test showing the 
feasibility of combined shift and carbonation reactions is 
reported.
During the preliminary tests, a great deal of effort was 
devoted to refining the reactor system and developing a 
reliable chromatograph analytical technique. At the end of 
the preliminary tests, a carefully organized experimental 
procedure had been developed and the experimental system has 
worked well since then. Because the experimental results of 
the preliminary reaction tests may involve some errors
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associated with the immature experimental technique, they were 
used only as a guide for choosing conditions for the future 
runs.
4.1 Reactor Temperature Response
Both the water-gas shift reaction and the carbonation 
reaction are exothermic and the temperature profile along the 
fixed-bed reactor is important in understanding the reactor 
behavior. As the first step, a series of non-reaction tests 
were conducted to show the temperature response of the 
reactor under a preprogrammed heating sequence. The resulting 
temperature history was then compared with the actual 
temperature response under reaction conditions to obtain the 
temperature deviations due to the reactions.
Figures 4-1 and 4-2 show the temperature distributions at 
the various thermocouple positions in a non-reaction test 
where the set-point temperature was increased at 5°C/min to 
660°C and held constant thereafter. 250 seem of N2 flowed 
through the reactor at 3.2 atm. In Figure 4-1, T£urn 
represents the furnace temperature, T2 represents the 
temperature of the preheated feed gas, and T2 through Ts 
represent the temperatures at four axial positions in the 
sorbent bed. T6 represents the temperature of the product gas 
after heat exchange with the feed (Figure 3-2).
During the early heating stages there is considerable lag 
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Figure 4-2. Temperature Deviation from Set Point in 
Nonreacting Experimental Test.
is due to the large mass of stainless steel and is 
qualitatively similar to the lag observed in the earlier 
electrobalance tests (Silaban 1993) using the same kind of 
pressure vessel. Most of the lag was overcome by the time the 
set-point temperature was reached. After approximately 250 
minutes the temperature of the preheated feed gas was within 
about 25°C of the set-point temperature, and the temperatures 
within the bed were, on the Figure 4-1 scale, approximately 
equal to each other and also equal to the set-point 
temperature. The temperature of the cooled product gas 
leveled out at about 40°C, well below the temperature limit 
for safe operation of the o-ring.
Figure 4-2 shows the temperature deviation from the set 
point, AT2 through AT5 during the latter stages of the test. 
From this figure we see that an axial temperature gradient of 
approximately 6°C exists, with the temperatures ranging from 
668°C near the top of the packed bed to 662°C near the bottom.
4.2 GC Analytical Method and Calibration
This research dealt with desulfurized coal gas containing 
H2, CO, C02, N2, and steam. In order to study the
concentration changes due to the simultaneous shift and 
carbonation reactions, a reliable gas analysis system was 
required. The following criteria were used in designing a 
chromatograph analytical strategy:
71
1. capable of separation and detection of H2, CO, C02, N2;
2. capable of analyzing CO and C02 down to 10 ppm level ;
3. reasonable analytical time for one sample;
4. tolerance of small amount of moisture.
Developing a chromatograph analytical technique achieving
all these objectives proved to be no easy task. Much trial 
and error effort was required. Figure 4-3 shows the original 
design. Three multi-port valves, three columns, and a 
detector train equipped with a thermal conductivity detector 
(TCD), a methanizer, and a flame ionization detector (FID) 
were employed for the gas analysis. This configuration was 
quite complicated and didn't function well due to the 
following reasons. First, the methanizer used nickel as a 
catalyst and was operated at 380°C. When high concentrations 
of CO and C02 (~ 5%) were analyzed, the methanizer was soon 
plugged by carbon deposition. Secondly, nitrogen used as the 
carrier gas has a thermal conductivity which is very close to 
that of CO. Hence CO couldn't be analyzed by the TCD.
Figure 4-4 represents the second stage development of the 
GC system. Neither the methanizer nor the FID was used and 
argon gas was chosen as the carrier gas. The valve timing 
required to separate the four components was established, but 
the TCD did not have sufficient sensitivity to permit analysis 
of CO and C02 concentrations below about 1000 ppm.
The final chromatograph analytical method, .which was 
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MS: Molecular Sieve
TCD: Thermal Conductivity Detector
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Figure 4-3. GC Operating System (Stage 1).
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Figure 4-4. GC Operating System (Stage 2).
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and avoided the problems mentioned above. Several key changes 
were made including:
1. ruthenium as the methanation catalyst;
2. argon as the carrier gas;
3. shortening the sample loop by half;
4. using a carboxen 1000 column and eliminating the six- 
port valve.
The operating conditions are summarized in Table 4-1. 
Since ruthenium catalyzes the methanation reaction at a lower 
temperature (300°C) , the problem of catalyst fouling due to 
carbon deposition was significantly lessened. As shown in the 
Figure 3-4, a 3-way valve was used to switch off the 
methanizer and FID when CO and C02 concentrations were above 
approximately 0.5%.
The gas chromatograph had to be calibrated before the 
analysis of reactor product gas. Seven standard gas mixtures 
obtained from Matheson were used for GC calibration. The 
compositions of the gas mixtures are summarized in Table 4-2. 
Combinations of these standard mixtures shown in Table 4-3 
were used to develop calibrations for both detectors. Higher 
concentrations were used for TCD calibration while lower 
concentrations were used for FID calibration. Both detectors 
were calibrated using intermediate concentrations to provide 
overlap. Quadratic constants relating mol fraction and 
detector response are summarized in Table 4-.4. Each 




1. Carrier gas Argon
2. Temperature of VI and sample loop 55°C
3. Sample loop volume 0.156 cm;
4. Columns: HayeSep N 4 ft
Carboxen 1000 8 ft
5. Column temperature 85°C
6. TCD temperature 80°C
7. Methanizer temperature 300°C




Standard ID CO C02 h2 n 2
1 9.98 9.99 9.98 balance
±0.20 ±0.20 ±0.20
2 0.050 0.100 15.04 balance
±0.001 ±0.002 ±0.30
3 1.00 4.00 20.00 balance
±0.02 ±0.1 ±0.40
4 0.099 0.099 2.99 balance
±0.002 ±0.002 ±0.06
5 0.501 0.500 5.99 balance
±0.010 ±0.010 ±0.10
6 0.999 0.999 11.90 balance
±0.020 ±0.02 ±0.20




Standard Gas Composition Used for GC Calibration
Compound Detector Calibration Mixture
CO FID 2, 4, 5, 6
TCD 1, 6, 7
n o to FID 4, 5, 6
TCD 1, 5, 6, 7
h2 TCD 2, 3, 4, 5, 6,
n2 TCD 2, 4, 5, 6, 7
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Table 4-4
Quadratic Constants for GC Calibration
yt = a ^  + b A 2
Yi = mole percent of i 
ait bA = calibration constants 
Ai = chromatograph peak area 
Ri2 = correlation coefficient
Component Detector bi Ri2
CO FID 1.551x10*’ 1.658X10*1® 1.0071
TCD 1.19x10*“ -8.009X10*11 1.0264
C02 FID 1.010x10*® -1.225X10*13 0.9865
TCD 1.356x10*“ 3.371X10*11 1.0012
h2 TCD 7.617x10*® 3 .476xl0*13 1.0075
n 2 TCD 8.390x10*® 1.008X10*11 0.9997
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levels. Figure 4-5 shows the final calibration curves used 
for concentration calculations.
Three instances of calibration overlap occurred. That
is, C02 concentrations of 0.5 mol percent and 0.999 mol
percent, and a CO concentration of 0.999 mol percent were used 
to calibrate both detectors. The calibrated C02
concentrations were within 2.5% of the actual concentration in 
both cases using both detectors. However, there was 
considerable difference between the CO mol percent calculated 
from the TCD calibration and the actual CO concentration of 
the calibration gas. The CO concentration calculated using 
the FID calibration was quite close to the actual CO 
concentration. This illustrates the importance of the more 
sensitive FID at low concentrations.
4.3 Reactor Dead Volume Evaluation -- Tracer - Response Tests
A series of tests in which hydrogen was introduced as a
step function into nitrogen flowing through the reactor was
carried out to measure the lag time between the introduction 
of reactive gases and their appearance in the reactor product 
gas. The response curve corresponding to the introduction of 
10% H2 at a total flow rate of 100 seem at 550°C and 15 
atmospheres is shown in Figure 4-6. Hydrogen flow was 
initiated at t„ = 4.0 minutes, and no hydrogen was detected in 
the first three product gas samples taken after 9, 18, and 27 
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Figure 4-6. Hydrogen Response Curve.
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approximately 0.04 and the concentration continued to increase 
as shown in the figure. A lag time of 40 minutes was 
calculated using the estimated reactor volume between the feed 
and chromatograph sampling valves, the gas volumetric flow 
rate, and assuming plug flow. The fact that hydrogen was 
observed prior to 40 minutes along with the gradual increase 
in hydrogen concentration indicates that axial mixing is 
important and that plug flow is not a good assumption under 
the conditions considered.
After examining this and other response curves under 
different conditions, we concluded that the time required for 
the hydrogen concentration to reach 80% of its steady-state 
value was the proper definition of the reactor lag time. In 
the Figure 4-6 example, the resulting lag time is 52 minutes. 
Figure 4-7 shows a plot of lag time versus volumetric flow 
from a series of tracer - response tests at 550°C and 15 atm. 
As shown in the figure, the lag time decreased to 20 minutes 
at 250 seem, which was the standard total flow rate for most 
of the later runs.
4.4 Preliminary Reaction Tests
The preliminary tests examined calcination/carbonation of 
CaO-based sorbents at reaction conditions similar to those 
used in the previous TGA study by Silaban (1993). One test 
showing the feasibility of the simultaneous shift reaction and 













T = 550°C 










4.4.1 Calcination and Carbonation Reactions
Five tests consisting of one complete calcination and 
carbonation cycle were conducted during the preliminary 
reaction tests. Test conditions are summarized in Table 4-5.
Effect of Temperature
Figure 4-8 compares the C02 content of the calcination 
product gas from dolomite as a function of time for set-point 
temperatures of 800°C and 750°C. Calcination started at about 
100 minutes when the sorbent bed temperature was around 425°C. 
The initial peak for both curves A and B occurred at about the 
same time at a temperature of about 650°C. Calcination was 
completed earlier in the 800°C test, which was expected 
because higher temperature corresponds to higher calcination 
rate.
The effect of the carbonation temperature is more 
interesting and Figure 4-9 shows the C02 concentration versus 
time during carbonation. t = 0 corresponded to the time when 
the carbonation gas composition (15% C02/N2) was switched to 
the reactor. Curve A in Figure 4-9 shows that the C02 
concentration in the product quickly increased to about 15% at
3.2 atmospheres, indicating that little or no carbonation was 
occurring. At t = 52 minutes, the system pressure was 
increased and the final pressure of 15 atm was reached after 
69 minutes. Soon thereafter, the concentration of C02 
decreased to about 5% and remained at that level until the run
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Table 4-5
Summary of Reaction Conditions for the 
Preliminary Tests
Test 02 03 04 05 06
Sorbent D* D* D* D* MC’
Initial Mass, g 18.5 20.4 19.1 19.8 19.9
Particle Size 149- 149- 149- 210- 149-
Range, (xm 210 210 210 250 210
Calcination Phase
Temp., °C 800 750 750 750 750
Pressure, atm 3.2 3.2 3.4 3.2 3.2
Gas Comp., %N2 100 100 100 100 100
Flow Rate, seem 250 250 500 500 500
Carbornation Phase
Temp., °C 800 750 650 550 550
Pressure, atm 3.2/15 15 15 15 15
Feed Gas Comp.,
%C0 0 0 0 0 0
%C02 15 15 15 15 15
%h2 0 0 0 0 0
%h2o 0 0 0 0 0
%n2 85 85 85 85 85
Flow Rate, seem 250 150 100 100 100
Space Velocity
(STP), hr*1 1138 6 83 455 455 455
D* - dolomite 



















Figure 4-8: Effect of Calcination Temperature.
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Figure 4-9. E£fect of Carbonation Temperature.
was stopped at t = 165 minutes. Curves B through D in Figure 
4-9 show the reactor response at a carbonation pressure of 15 
atmospheres and temperatures of 550°C, 650°C, and 750°C. It is 
interesting to note that C02 breakthrough occurred in all 
three cases and that the prebreakthrough concentration of C02 
decreased as the carbonation temperature decreased, which 
indicated that the degree of carbonation was thermodynamically 
limited. Figure 4-10 compares the experimental C02 partial 
pressure during the prebreakthrough period and the equilibrium 
C02 partial pressure.
Different Sorbent Precursors
Figures 4-11 and 4-12 compare calcination and carbonation 
results from tests 05 and 06. Test 05 used dolomite while 
test 06 used marble chips. The detailed composition of marble 
chips is not available but it consists mainly of calcium 
carbonate. In Figure 4-11, we can clearly see that the first 
peak in Curve A corresponds to calcination of MgC03 in 
dolomite. The near zero concentration of C02 in the 
prebreakthrough period for both tests (Figure 4-12) shows 
again that nearly complete removal of C02 is feasible at 550°C 
and 15 atm. Breakthrough occurred at an earlier time using 
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Figure 4-12. Carbonation of Different Sorbents.
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Carbon Monoxide Formation
During the preliminary reaction tests, small 
concentrations of carbon monoxide were detected in the 
calcination product gas at high temperature. The reaction
C(s) + C02(gr) - 2 CO(g) (4-1)
with the reactor wall serving as the carbon source was the 
suspected cause of the CO. A blank run was made in which a 
15%C02 -N2 mixture was fed to the empty reactor. Only C02 and 
N2 were detected in the product gas until the reactor 
temperature reached about 450°C, when trace quantities of CO 
began to appear. The amount of CO increased to a maximum 
value of about 0.5 mol percent as the reactor temperature 
increased to the 750°C set point. C02 feed to the reactor was 
stopped and the CO concentration returned to zero soon 
thereafter. Results of this blank test confirmed that CO 
originated from the above reaction, rather than being produced 
during the calcination process.
The participation of the reactor wall in the reaction 
should not be a significant factor in this research due to the 
following reasons. First, the extent of reaction 4-1 was very 
small and tended to occur only at high temperature (~750°C) . 
Secondly, the combined shift and carbonation stage was of 
major interest in this research, and the shift - carbonation 
reaction was usually carried out at a temperature much lower 
than 750°C (discussed in the next chapter). As a result, the 
reactor wall was considered inert through this research.
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4.4.2 Simultaneous Shift and Carbonation Reactions
Close to 100% removal of C02 at 550°C and 15 atm from the 
preliminary carbonation tests encouraged immediate study of 
the combined shift and carbonation reactions. A series of 
tests with the feed gas containing either C0/H20/N2 or 
C0/C02/H2/H20/N2 were conducted. Results from one test are 
presented at this point to show the feasibility of the 
simultaneous shift reaction and C02 separation.
Figure 4-13 shows the reactor response from test 15 in 
which the reactor feed contained only CO, H20 and N2. The 
dolomite had been previously calcined before the feed gas was 
directed to the reactor. The reaction conditions are also 
shown in the Figure 4-13. All components required for the 
water gas shift reaction were present in the reactor feed. 
Since no C02 or H2 was fed, the shift reaction must occur 
before either H2 or C02 can appear in the reactor product.
CO, H20, and N2 were introduced into the reactor at t = 
368 minutes. H2 began to appear in the reactor product about 
30 minutes later, and the H2 concentration increased to a 
constant level of about 14.5% (dry basis) in the time period 
470 to 530 minutes. Small concentrations of CO and C02 were 
found immediately after the valve switch. They quickly 
decreased and were below the detection limits of the TCD from 
430 to 530 minutes. Breakthrough of CO and C02 began at 530 
minutes and the H2 concentration began to decrease at the same 
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Carbonation.
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reached in which the reactor product contained about 9.4% H2 
and C02 and 4.1% CO (all dry basis). These concentrations 
were maintained until the run was terminated after 790 
minutes.
The time required for the H2 concentration to increase to
r
the 14.5% level is attributed to the time required for the 
reactor feed gas to displace the inert gas in the system 
volume between the feed gas valve and the product sampling 
valve. When only H2 and N2 were detected by the TCD, both the 
shift and carbonation reactions proceeded essentially to 
completion. During this period the more sensitive FID 
indicated approximately 200 ppm of CO and 400 ppm of C02 in 
the product gas. The H2 concentration in the product gas 
corresponding to complete shift and carbonation reactions 
would be 14.8%, quite close to the 14.5% experimental value. 
Breakthrough of CO and C02 corresponded to the leading edge of 
the carbonation reaction front just reaching the end of the 
sorbent bed, while the second steady-state beginning at about 
620 minutes corresponded to essentially complete conversion of 
CaO to CaC03. Only the gas phase shift reaction was possible 
after this time. The fact that the final C02 and H2 
concentrations were equal was consistent with the water gas 
shift stoichiometry with no C02 or H2 in the feed.
Test 15 provided definite proof that the shift and 
carbonation reactions would occur simultaneously at reaction 
conditions of interest. During the prebreakthrough phase on
the test, approximately 99.5% of the total carbon oxides 
(C0+C02) were removed from the gas phase. More importantly, 
this test represented the fifth complete calcination- 
carbonation cycle of the dolomite sorbent, showing that 
sorbent durability achieved in the electrobalance reactor 
tests may also be achieved in the fixed-bed reactor.
CHAPTER 5
EXPERIMENTAL RESULTS AND DISCUSSION:
SINGLE CYCLE STUDIES
This chapter focuses on results of single cycle tests 
which include calcination and carbonation/shift reaction 
stages. The first section discusses the reaction parameters 
and the factors in selecting reaction conditions. The second 
section defines variables used for the evaluation of the 
reactor behavior. Then experimental data reproducibility is 
described. Section 5.4 details the reaction parameter studies 
and presents results under different reaction conditions. 
Finally, conclusions based on single cycle tests are 
summarized in Section 5.5.
5.1 Reaction Parameters
Two kinds of reaction parameters were considered in this 
research. The first group involved reaction conditions and 
included temperature, pressure, flow rate (or space velocity) , 
and feed gas composition. Because each single cycle test 
consisted of calcination and shift-carbonation phases, these 
four parameters were considered separately in each phase. The 
second group of parameters included different sorbent 
precursors and sorbent particle size. Detailed study of all 
the ten (10) parameters would include hundreds of tests even 
if only two cases were considered for each parameter (210 =
97
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1024). This is impossible and unnecessary. The following 
factors were used in selecting reaction parameters:
1. Silaban's electrobalance results;
2. Characteristics of the fixed-bed reactor system;
3. Kinetics of the water-gas shift reaction;
4. Results of the preliminary reaction tests.
5.1.1 Silaban's Results
As discussed in the Chapter 2, Silaban (1993) conducted 
kinetic studies on the calcination and carbonation of 
different CaO-based sorbents using a TGA reactor. After 
screening nine sorbent precursors, he focused on three - 
reagent grade calcium carbonate, commercial dolomite, and 
reagent grade calcium acetate -for further reaction analysis. 
Table 5-1 lists major conclusions reached by his research.
From Table 5-1, we see that the optimum calcination 
conditions were 750°C using an inert gas. Pressure was not 
important during calcination. For carbonation, the optimum 
kinetics were achieved over a temperature range of 650°C - 
750°C at 15 atm pressure, using any desulfurized coal gas. Of 
the three sorbents, calcium carbonate was found to posses the 
lowest reactivity and capacity maintenance, while dolomite 
exhibited the best performance in terms of durability.
These results provided a guide for the current research. 
However, there were two major differences between Silaban's 
work and this research. First, the TGA study used about 12 mg
99
Table 5-1
Summary of The Results from TGA Studies (Silaban, 1993)








1 - 1 5  atm
any inert gas with low C02 
partial pressure 
650 - 750°C 
15 atm
any sulfur-free or low-sulfur 
coal gas
XX. Sorbent Performance Comparison
Durability (reactivity and capacity maintenance):
Dolomite > Calcium Acetate > Calcium Carbonate
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of sorbent, while in the fixed-bed study the sorbent amount 
was increased to about 13 g. Both inter- and intra-particle 
mass transfer had to be considered in this research. 
Secondly, the current research dealt with combined shift and 
carbonation reactions while only the carbonation reaction was 
investigated in the previous study. Hence additional factors 
specific to this research had to be considered in determining 
the reaction parameters.
5.1.2 Characteristics of the Fixed-bed Reactor
The fixed-bed reactor system discussed in the Chapter 3 
imposed certain limitations in selecting reaction parameters. 
The furnace and the pressure control system were similar to 
those used in the previous TGA studies. 3.3 atm reactor
system pressure was the minimum which could be achieved when 
the back pressure regulator was used. The mass flow 
controllers, which were factory calibrated, had a certain 
capacity with respect to a specified gas. The same was true 
for the syringe pump used to feed water.
Another limitation was associated with the porous 
stainless steel disks used to separate the sorbent sections in 
the reactor. These disks had to prevent sorbent from entering 
the exit lines and also cause a small pressure drop. Disks 
capable of retaining particles with a size above 50 /an were 
chosen.
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Among the three sorbents used in Silaban's research, 
reagent calcium carbonate and calcium acetate had an intrinsic 
particle size of -400 mesh (< 38 /xm) , which is below the limit 
of the porous disks. Hence these two sorbents were excluded 
from the experimental tests. Other CaO-based sorbents having 
larger particle size were chosen for comparison purposes.
5.1.3 The Water-Gas Shift Reaction
The water-gas shift reaction was another important factor 
in determining the parameters in the second reaction stage. 
High temperature increases the rate of the reaction, but 
decreases the equilibrium conversion of CO. Although a 
temperature range from 650°C to 750°C was reported to be the 
optimum carbonation condition from the TGA study, lower 
temperatures were expected to favor the combined shift and 
carbonation reactions. The actual optimal temperature was 
established through the reaction tests.
5.1.4 Preliminary Reaction Tests and Final Parameter Selection
The preliminary reaction tests described in Chapter 4 
showed the reactor response under different conditions. 
Although the tests didn't cover all possible conditions, they 
guided the choice of reaction parameters.
As shown in the Figure 4-9, total carbon oxide removal 
approached 100% at 550°C and decreased dramatically when the 
carbonation temperature increased to 750°C. Figure 4-13
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showed similar results for the combined shift-carbonation 
reaction.
Based upon the above factors, the final reaction 
parameters listed in Table 5-2 were selected. The standard 
conditions were used for most of the runs and the alternative 
conditions were tested for selected parameter combinations. 
Since the calcination stage was , less important than the 
combined reaction stage, calcination parameters were not 
varied over as wide a range as carbonation parameters.
For calcination, pressure and the inert gas flow rate 
were not important except that high flow rate tended to sweep 
the produced C02 out of the reactor faster and thereby shorten 
the lengthy calcination period. For most tests, a nitrogen 
flow rate of 700 seem was used during calcination. 
Calcination using a mixture of steam and N2 was studied to 
show that high concentrations of C02 would be produced after 
steam condensation. The ability to produce large CO, 
concentrations may become more important if future regulations 
restrict atmospheric C02 emissions.
The most important parameters for the single cycle tests 
were the calcination temperature and gas composition, and the 
temperature, pressure, space velocity, and gas composition for 
the shift/carbdnation reactions. The H20 to CO ratio was used 
as a secondary parameter, because of its importance in 
determining the extent of the shift reaction. Another factor 
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was the possibility of carbon deposition. Research conducted 
by Lamoreaux et al. (1986) was used to guide the selection of 
feed gas compositions which were free of carbon formation at 
reaction conditions of interest.
5.2 Shift/Carbonation Reaction Variables
The performance of the sorbent under different reaction 
conditions was evaluated using a number of measures including:
i) prebreakthrough CO and C02 concentrations;
ii) postbreakthrough CO and C02 concentrations;
iii) fractional COx removal during the prebreakthrough 
period;
iv) final fractional sorbent conversion;
v) dimensionless breakthrough curves;
vi) temperature deviation from the set-point;
vii) sorbent structural changes.
Pre/post breakthrough CO and C02 concentrations and 
sorbent structural data were direct experimental results while 
the other variables involved manipulation of the primary data. 
Items i) through vi) were evaluated for each run, but only a 
limited number of sorbents were chosen for structural tests.
With the value of the dead volume lag time known at 
various reaction conditions (Chapter 4), the following 
dimensionless parameters were defined:
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= f ° <y%. + y°co) <t - tD) {s i)
N°CaO
cox• = (f°* * „ (5-2)
(y co,+ y co)F
FCOX = 1 - COX* ' (5-3)
** = - 7 ^ s ^°(y°co2 + y°co) - y(ya?2 + yco>]Ati (5-4)
■N caO
Where:
F° = molar rate of total reactor feed
(wet basis)
F = molar rate of total reactor product
(wet basis)
y°co2» y°co = mol fraction of C02 and CO in feed gas
(wet basis)
yco2» yco = mol fraction of C02 and CO in reactor
product (wet basis) as a function of time
N°Ca0 = initial mols of CaO in the reactor
t = time from initiation of the carbonation
cycle
tD = dead volume lag time
At* = time increment between chromatograph
samples
t* = dimensionless carbonation cycle time
COX* s dimensionless breakthrough concentration
of total carbon oxides
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FCOX = fractional removal of total carbon oxides
X* = axial average fraction of CaO converted to
CaC03
The characteristics of these equations are such that X* 
= t* as long as complete removal of carbon oxides is 
accomplished, i.e., as long as COX* = 0 (or FCOX = 1). Once 
carbon oxide breakthrough begins, X* < t*. If both the shift 
and carbonation reactions were infinitely fast and complete 
sorbent conversion could be achieved, the reaction would be 
complete at X* = t* = 1.0, and COX* would change in a step 
function with COX* = 0 for t* < 1.0 and COX* = 1.0 for t’ a 
1.0. The idealized dimensionless response curve is shown in 
Figure 5-1(a) and compared to a typical response curve in 
Figure 5-1(b).
In Figure 5-1(b), the value of COX* should approach the 
thermodynamic equilibrium limit for small t*, which for 
practical purposes is zero for the shift and carbonation 
reactions at the conditions of interest. As t* increases, the 
value of COX* will increase because of the finite rate of the 
global reactions and the traditional S-shaped breakthrough 
curve will result. For large t*, COX* will approach 1.0 as the 
total carbon oxide concentration in the product approaches the 
total carbon oxide concentration in the feed. Note that COX* 
= 1.0 does not imply that both reaction rates are zero. The 
shift reaction may still occur but if the carbonation reaction 
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Response Curves for a Fixed-Bed Reactor.
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and the total carbon oxide concentration is constant. After 
carbon oxide breakthrough begins, the slope of the X* versus 
t* curve will decrease and the X* will asymptotically approach 
its final value.
In order to calculate t*, FCOX (or COX*) , and X*, the feed 
gas composition must be known. Multiple, and sometimes 
contradictory, methods of calculating feed gas composition are 
available. All gases were fed from high pressure cylinders 
through calibrated mass flow controllers. Water was added as 
a liquid using a high-pressure positive displacement syringe 
pump. Knowing the flow rates of the individual components, 
the feed gas composition can be directly calculated. 
Alternatively, the composition of the feed gas can be 
determined by assuming that correct flow rates are obtained 
from the N2 flow meter and the H20 syringe pump, and using the 
chromatographic analysis of the feed to determine the CO, C02 
and H2 concentrations. Table 5-3 compares the feed gas 
composition for run 18, in which all five feed components are 
present, using the two calculation methods.
All feed gas compositions reported are based upon the 
second method. That is, the chromatographic analysis for CO, 
C02 and H2 coupled with measured flow rates for N2 and H,0. 
Since the CO, C02, and H2 concentrations in the reactor product 
must be measured by chromatography, the selected approach 
means that the calculation basis for the feed and product 
streams is consistent.
Table 5-3
Feed Gas Composition for Test 18 
Using Two Calculation Methods
Using All Flow Meters Using N2 Flow Meter,
and Syringe Pump Syringe Pump and
Chromatograph
Component Mol Fraction SCCM Mol Fraction SCCM
CO 0.06 15.0 0.064 16.0
C02 0.06 15.0 0.056 13.8
h2 0.05 12.5 0.047 11.7
h2o 0.20 50.0 0.200 50.0
n 2 0.63 157.5 0.633 157.0
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5.3 Experimental Result Reproducibility
As shown in Chapter 3, there were many control devices 
used in this research and each device had a range of accuracy. 
Hence it is expected that a certain degree of error exists in 
the final results. Main errors came from the flow meters, GC 
integration methods, and those associated with loading and 
packing the sorbent into the reactor. Duplicate runs were 
conducted at different stages of the research.
Figure 5-2 shows the dimensionless breakthrough curves 
for CO, C02, and H2 (TCD results) for duplicate tests 38 and 
44. Standard reaction conditions were used except the 
carbonation gas flow rate was 100 seem (SV = 885 hr'1) . Both 
the component concentrations and the slopes of the 
breakthrough curves for these two tests were very close. The 
prebreakthrough concentrations of CO and C02 were below the 
TCD detection limit. The more sensitive FID showed that the 
prebreakthrough concentrations were 64 ppm for CO and 264 ppm 
for C02 for test 38, and 48 ppm for CO and 254 ppm for C02 for 
test 44, respectively. The comparison of the sorbent 
fractional conversion and the fractional COx removal are 
presented in Figure 5-3. The prebreakthrough COx removal of 
test 38 (99.68%) was very close to that of test 44 (99.62%), 
and the final sorbent conversions were 0.914 and 0.907 for 
tests 38 and 44, respectively. Figures 5-4 and 5-5 show the 
temperature responses for these two runs. The temperature 
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before it reached the chromatograph. For both tests, the 
temperature in the top section of the packed bed was 
approximately 10°C higher than the bottom section temperature, 
and the combined shift and carbonation reactions produced a 
temperature increase of about 7°C in both cases as the 
reaction front passed each thermocouple position. 
Temperatures at different positions inside the reactor show 
approximately the same tendency for the two tests.
Duplicate runs (test 61 and test 63-1) were also 
conducted for another sorbent - marble chips. In Figure 5-6, 
CO and C02 concentrations are plotted versus dimensionless 
time. The log scale permits the FID results to be included. 
The prebreakthrough concentrations for these two tests were 
almost identical.
Table 5-4 lists values of some key variables for another 
set of duplicate tests using dolomite. In terms of 
prebreakthrough C0X removal, the values ranged from 99.61% to 
99.71%. Again, the data show good reproducibility.
5.4 Detailed Parameter Tests
About 60 successful runs were conducted. Thirty-seven of 
these were single cycle tests. These tests were divided into 
different groups according to the reaction conditions. Each 
group studied the effect of a single parameter while all the 
other parameters were kept constant. The first cycle results 
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Comparison of Duplicate Test Results 
under Standard Conditions
Test # Prebreakthrough Cone. Prebreakthrough C0X
CO (ppm) C02 (ppm) removal, FCOX
27-1 9 190 99.71%
51-1 21 253 99.61%
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detailed parameter studies. Main effort was focused on 
calcination and combined shift and carbonation reactions, and 
results showing the nature of the water-gas shift reaction are 
also discussed.
5.4.1 Comparison of Different Sorbent Precursors
Two limestone sorbent precursors were tested to compare 
the performance with dolomite. The conditions for these tests 
are shown in Table 5-5.
The limestone sorbent precursors, which are primarily 
CaC03, have a larger C02 capacity than does dolomite because 
of the presence of inert MgC03 in the latter. The exact 
composition of neither limestone was available. Calcination 
results suggested that the limestone used in test 57 contained 
significant concentrations of impurities while test 61 
calcination results suggested that the CaC03 content of the 
marble chips was close to 100%. These conclusions were based 
on the measured amount of C02 liberated during calcination.
Standard shift/carbonation reaction conditions were used 
in each test and results are compared with dolomite results in 
Figure 5-7, where the fractional removal of total carbon 
oxides (based on TCD analysis) is plotted as a function of 
time. Effectively complete carbon oxide removal was achieved 
during the early stages of the reaction in all three tests. 
Initial breakthrough with limestone (test 57) began after 
about 50 minutes compared to 100 minutes with dolomite and 130
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Table 5-5
Summary of Reaction Test Conditions for the 
Different Sorbent Precursors
Test 27-1 57 61
Sorbent D L* MC*
Initial Mass, g 13 .2 13.2 13 .2
Particle Size 149- 149- 149-
Range, /urn 210 210 210
Calcination Phase
Temp., °C 750 750 750
Pressure, atm 3.3 3.3 3.3
Gas Comp., %N2 100 100 100
Flow Rate, seem 700 700 700
Carbornation Phase
Temp., °C 550 550 550
Pressure, atm 15 15 15
Feed Gas Comp., 
%C0 5.6 5.6 5.6
%C02 0 0 0
%h2 0 0 0
%h2o 20.0 20.0 20.0
%n 2 74.4 74.4 74.4
Flow Rate, seem 250 250 250
Space Velocity
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Figure 5-7. Fractional Removal of Carbon Oxides for
Three Test Sorbents at Standard Conditions. 120
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minutes with marble chips. The slope of the limestone 
breakthrough curve was also much lower, and reaction was not 
complete until 225 minutes of total elapsed time. The slopes 
of the breakthrough curves using dolomite and marble chips 
were similar, with only about 40 minutes from initial 
breakthrough to complete reaction. The longer time to initial 
breakthrough using marble chips is a reflection of the 
increased capacity of high calcium marble chips compared to 
dolomite. When the marble chips and dolomite results are 
compared on a dimensionless time basis (which eliminates the 
capacity differences) as in Figure 5-8, we see that the 
calcium in dolomite is more accessible to the C02. Initial 
breakthrough did not occur until approximately 80% of the 
calcium in dolomite had reacted, while initial breakthrough 
with marble chips occurred at about 68% calcium conversion.
The detailed reaction studies focused on dolomite because 
of its superior performance.
5.4.2 Effect of Calcination Temperature
Table 5-6 summarizes the reaction conditions of the tests 
which studied the effect of calcination temperature. Two 
subgroups are included in the table. Subgroup A corresponds 
to the simple shift-carbonation feed gas composition, while 
Subgroup B corresponds to a simulated coal gas. Calcination 
at 650°C (test 28) was not acceptable as the reaction was 










































Figure 5-8. Comparison of the First Cycle Reactivity 
of Dolomite and Marble Chips on a 
Dimensionless Time Basis. 122
Table 5-6
Summary of Reaction Test Conditions for the 
Effect of Calcination Temperature
Subgroup A Subgroup B
Test 27-1, 28, 29 66-1, 67-1, 68-1
Sorbent D D D D D D
Initial Mass, g 13.2 13.2 13.2 13.2 13.2 13.2
Particle Size 149- 149- 149- 149- 149- 149-
Range, fim 210 210 210 210 210 210
Calcination Phase
Temp., °C 750 650-750 800 750 800 850
Pressure, atm 3.3 3.3 3.3 3.3 3.3 3.3
Gas Comp., %N2 100 100 100 100 100 100
Flow Rate, seem 700 700 700 700 700 700
Carbomation Phase
Temp., °C 550 550 550 550 550 550
Pressure, atm 15 15 15 15 15 15
Feed Gas Comp., 
%C0 5.6 5.6 5.6 6.6 6.6 6.6
%C02 0 0 0 3.1 3.1 3.1
%h2 0 0 0 4.6 . 4.6 4.6
%h2o 20.0 20.0 20.0 26.4 26.4 26.4
%n2 74.4 74.4 74.4 59.3 59.3 59.3
Flow Rate, seem 250 250 250 250 250 250
Space Velocity
(STP) , hr'1 1425 1425 1425 1425 1425 1425 123
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indicated in Table 5-6, the calcination temperature was 
subsequently increased to 750°C to complete the reaction.
A calcination temperature of 800°C reduced the time 
required for calcination and increased the C02 composition of 
the product gas during the sorbent decomposition period. 
Figure 5.9 compares the C02 product gas compositions and 
reactor temperatures for tests 27-1 and 29. MgC03 
decomposition occurred during the heating period and was, as 
expected, approximately the same in both tests, as shown in 
the first peak of both calcination curves. The lower peak 
value for test 29 was due to the large sampling time interval. 
The duration of the calcination cycle was reduced by about 30 
minutes and the C02 mol fraction during CaC03 decomposition 
increased from about 0.05 to 0.09.
Results from the previous study (Silaban, 1993) indicated 
that improved sorbent durability was associated with lower 
calcination temperature. However, there was little, if any, 
difference in the first cycle carbonation performance of tests 
27 and 29 as shown by the dimensionless response curves in 
Figure 5-10. CO and C02 concentrations were below the TCD 
detection limit during the prebreakthrough period of both 
tests. Initial breakthrough occurred at approximately the 
same dimensionless time and the slope of the breakthrough 
curves was effectively equal.
Figure 5-11 shows the response of the C02 concentration 
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Figure 5-9. C02 Composition of the Calcination Product 
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Figure 5-10. Dimensionless Carbonation Breakthrough Curves 
Following Different Calcination Temperatures. H>NJ<j>
Test 2 7 -1 ,750°C  


































Test 66-1 (750°C) 









50 2500 100 150 200
Time, minute
Figure 5-11. Effect of Temperature on COa Concentration 
During Calcination. 127
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calcination temperatures of 750°C, 800°C, and 850°C. All three 
were multicycle tests and the first cycle results are used 
here for comparison. High calcination temperature reduced the 
time required for complete calcination and increased the C02 
concentration during the CaC03 decomposition period. Figure 
5-12 shows results from the subsequent carbonation/shift cycle 
using simulated coal gas as the feed. No deterioration was 
observed in the fractional C0X removal and the sorbent 
conversion curves in the first cycle. In multicycle test 72, 
calcination temperature was increased to 900°C. Although this 
test was conducted under different conditions and can not be 
directly compared with the tests in Figure 5-11, the 
subsequent shift/carbonation showed no significant 
deterioration. The multicycle test results will be covered in 
the next chapter.
5.4.3 Effect of Calcination Flow Rate
Reducing the inert gas flow rate during calcination 
provides an alternate means of increasing the C02 composition 
of the calcination product gas. Table 5-7 lists the tests in 
which the calcination gas flow rate was varied. In test 30, 
the N2 flow rate was reduced from the standard 700 seem to 250 
seem, and the C02 content as a function of time is given in 
Figure 5-13. During the MgC03 decomposition period the 
maximum C02 content increased from approximately 13% to 24%; 
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Summary of Reaction Test Conditions for the 
Effect of Calcination Gas Flow Rate
Test 27-1 30
Sorbent D D
Initial Mass, g 13.2 13.2
Particle Size 149- 149-
Range, jim 210 210
Calcination Phase
Temp., °C 750 750
Pressure, atm 3.3 . 3.3
Gas Comp., %N2 100 100
Flow Rate, seem 700 250
Carbornation Phase
Temp., °C 550 550
Pressure, atm 15 15






Flow Rate, seem 250 250
Space Velocity
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Figure 5-13. Calcination Product Composition as a 




decomposition. An increase in the total time required for 
calcination of about 50 minutes also accompanied the decreased 
flow rate.
Figure 5-14 compares the shift - carbonation cycle of 
these tests. Fractional C0X removal and fractional sorbent 
conversion for these two tests are almost identical. 
Prebreakthrough concentrations of CO and C02 for test 30 were 
23 ppm and 150 ppm, compared with 10 ppm and 190 ppm for test 
27-1. The differences were within experimental error, and no 
clear effect of calcination gas flow rate on the subsequent 
sorbent shift - carbonation was observed.
5.4.4 Effect of HjO in the Calcination Sweep Gas
In a commercial process, it will be desirable to produce 
calcination off-gas having the highest possible concentration 
of C02. This feature will become increasingly important if 
future environmental regulations limit the atmospheric 
discharge of C02. C02 concentration can be increased by
carrying out the calcination step at high temperature and 
using a small sweep gas flow rate as shown in sections 5.4.2 
and 5.4.3. In addition , the inclusion of a condensible 
component such as steam in the sweep gas will result in higher 
C02 concentrations in the permanent gases following steam 
condensation.
The effect of the addition of up to 60% steam to the 
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Figure 5-14. Effect of Calcination Flow Rate on 
Breakthrough Curves.
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of 750°C and 800°C; calcination reaction conditions are 
summarized in Table 5-8. Results are compared in Figure 5-15. 
The addition of steam was effective in increasing the C02 
content (dry basis) as expected, and also in causing 
decomposition to occur more rapidly. In both tests 33 and 45, 
C02 formed during MgC03 decomposition peaked at about 125 
minutes, compared to 150 minutes in dry N2. The C02 content 
at the peak increased from 24% in dry nitrogen to 
approximately 43% in the steam-nitrogen mixture. The time 
required for complete calcination decreased from approximately 
260 minutes in dry N2 to 230 minutes in 60% H20/N2 at 75.0°C and 
to 210 min in 60% H20/N2 at 800°C. The maximum C02 content of 
the product gas (dry basis) during CaC03 decomposition 
increased from about 7% in N2 at 750°C to 19% in 60% H20/N2 at 
800°C.
While the addition of steam produced the dual benefit of 
increasing the C02 concentration and decreasing the 
calcination time, it also caused a significant change in the 
pore size distribution of the calcined sorbent, and, when 
coupled with high calcination temperature, appeared to have a 
marginally negative effect on the kinetics of the subsequent 
carbonation cycle. Figure 5-16 compares the pore size 
distribution curves for as-received dolomite, and for dolomite 
calcined at 750°C in dry N2 and in 40% H20/N2. An overall pore 
size range of 0.005 to 0.6/m is represented in the figure. 
As-received dolomite is essentially nonporous so that the
135
Table 5-8
Summary of Reaction Test Conditions for the 
Effect of Calcination Gas Composition
Test 30 31 33-1 45-1
Sorbent D D D D
Initial Mass, g 13.2 13 .2 13 .2 13 .2
Particle Size 149- 149- 149- 149-
Range, nm 210 210 210 210
Calcination Phase
Temp., °C 750 750 750 800
Pressure, atm 3.3 3.3 3.3 3.3
Gas Comp., 
%N2 100 80 40 40
%H20 0 20 60 60
Flow Rate, seem 250 250 250 250
Carbornation Phase
Temp., °C 550 550 550 550
Pressure, atm 15 15 15 15
Feed Gas Comp., 
%C0 5.6 5.6 5.3 5.6
%C02 0 0 0 0
%h2 0 0 0 0
%h2o 20.0 20.0 20.1 20.0
%n 2 74.4 74.4 74.6 74.4
Flow Rate, seem 250 250 250 250
Space Velocity





















Figure 5-15. C02 Content of Calcination Product Gas as a
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Figure 5-16. Pore Size Distribution of Calcined Dolomite 
as a Function of Calcination Atmosphere. 137
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entire pore volume following calcination was produced by 
driving off C02. Although the total pore volume for both 
calcined samples was 0.36 cm3/g» there was almost an order of 
magnitude increase in the diameter of the pores formed in the 
H20/N2 atmosphere. The range of pore diameters was 
approximately 0.08 to 0.3 pm with a peak at about of 0.2 pm 
following calcination in dry H20/N2, compared to a range from 
0.02 to 0.1 pm with a peak at 0.04 pm when calcination was 
carried out in N2.
When the final calcination temperature was 750°C, the 
addition of steam seemed to have little effect on the 
subsequent first carbonation/shift reaction cycle. This is 
shown in Figure 5-17 where dimensionless breakthrough curves 
are plotted for three runs in which 0% H20, 20% H20, and 60% 
H20 was added to the calcination sweep gas. However, the 
addition of 60% steam to the calcination gas coupled with the 
higher calcination temperature of 800°C had a negative effect 
on carbonation/shift kinetics, as shown in Figure 5-18. 
Initial breakthrough occurred earlier and the slope of the 
breakthrough curve was smaller than at the standard 
calcination conditions.
The above analysis confirms that increasing the 
calcination temperature (up to 850°C) , reducing the sweep gas 
flow rate, and adding steam are effective ways of increasing 
the C02 concentration in the product gas. However, each of 
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Figure 5-17. Dimensionless COx Breakthrough Curves
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consequences as well. High calcination temperature will 
require additional energy to preheat the calcination sweep gas 
and may produce excessive sorbent sintering. A low sweep gas 
flow rate will cause the calcination rate to decrease and the 
size of the calcination reactor to increase. Addition of a 
condensible component such as steam may impose energy 
penalties in order to generate the steam. Optimum calcination 
conditions will depend upon process economics, and the impact 
of calcination conditions on the sorbent durability.
5.4.5 Effect of Carbonation/Shift Temperature
Preliminary test results showed that the 
carbonation/shift reaction temperature played an important 
role in determining the extent to which carbon monoxide was 
converted and C02 was removed from the gas. Since both the 
shift and carbonation reactions are exothermic, the
equilibrium conversion is a decreasing function of
temperature. However, the global reaction rate increases with 
increasing temperature, thereby increasing the chance that 
equilibrium conditions will be closely approached.
Table 5-9 shows test conditions involving 
carbonation/shift temperature variation. Five tests were 
included with shift - carbonation temperatures ranging from 
400°C (test 37) to 650°C (test 56-1) . The feed gas contained 
only CO, H20 and N2. The temperature effect during the 
prebreakthrough period is shown in Figure 5-19.
Table 5-9
Summary of Reaction Test Conditions for the 
Effect of Carbonation Temperature
Test 27-1 35 36 37 56-1
Sorbent D D D D D
Initial Mass, g 13.2 13.2 13.2 13.2 13.2
Particle Size 149- 149- 149- 149- 149-
Range, /im 210 210 210 210 210
Calcination Phase
Temp., °C 750 750 750 750 750
Pressure, atm 3.3 3.3 3.3 3.3 3.3
Gas Comp., %N2 100 100 100 100 100
Flow Rate, seem 700 700 700 700 100
Carbornation Phase
Temp., °C 550 500 600 400 650
Pressure, atm 15 15 15 15 15
Feed Gas Comp., 
%C0 5.6 5.6 5.6 5.6 5.6
%C02 0 0 0 0 0
%h2 0 0 0 0 0
%h2o 20.0 20.0 20.0 20.0 20.0
%n2 74.4 74.4 74.4 74.4 74.4
Flow Rate, seem 250 250 250 250 250
Space Velocity
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Figure 5-19. Prebreakthrough CO and C02 Concentrations as 
























Prebreakthrough concentrations of CO and C02 and fractional 
removal of total carbon oxides are plotted versus reaction 
temperature. Equilibrium concentrations of both components 
are included for reference. Duplicate run results at 550, 
600, and 650°C are also shown in the figure to provide a 
measure of reproducibility. Experimental concentrations are 
reasonably close to the equilibrium values except at the 
lowest test temperature of 400°C. Consequently, carbon oxide 
removal is effectively equilibrium limited at temperatures of 
500°C or greater, and kinetics are important only at 
temperatures less than 500°C. Maximum fractional carbon oxide 
removal of 0.999 occurred at 500°C and the fractional removal 
exceeded 0.99 from 400°C to 550°C. Even at 650°C, the 
fractional carbon oxide removal exceeded 0.93.
Results during the postbreakthrough period when only the 
shift reaction occurred followed the same trends. At high 
temperature (a 600°C) the experimental concentrations closely 
approached equilibrium values while at lower temperatures (s 
550°C) the experimental results were relatively far from 
equilibrium. This behavior is shown in Figure 5-20. At the 
lower reaction temperatures associated with commercial shift 
reaction a heterogeneous catalyst is required. At the higher 
temperatures used in this study, it is possible that the shift 
reaction occurs homogeneously in the gas phase. Alternately, 
it may be catalyzed by MgO, CaO, CaC03, or even the reactor 
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Figure 5-20. Postbreakthrough Concentrations of CO
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Carbonation Temperature. 145
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literature (Gluud, 1931). Since iron is a major component of 
the commercial high temperature shift catalyst, it is 
reasonable to suspect that the stainless steel surfaces of the 
reactor may catalyze the reaction. The mechanism of the shift 
reaction will be discussed in more detail later.
The effect of the reaction temperature on the shape of 
the breakthrough curve is shown in Figure 5-21 where 
fractional removal of total carbon oxides is plotted versus 
dimensionless time, t*. Test 27 was carried out at 550°C while 
test 37 was at the lowest experimental temperature of 400°C. 
The use of dimensionless time compensated for the effect of 
temperature on feed gas flow rate and made direct comparison 
between the two tests possible. Fractional carbon oxide 
removal approached 100% during the early stages of both tests. 
Initial breakthrough, however, occurred at t* ~ 0.5 at 400°C 
compared to t* ~ 0.77 at 550°C. Similarly, the carbonation 
reaction was effectively complete at t* ~ 1.15 at 550°C while 
some carbonation was still occurring at 400°C when the test 
was- terminated at t* ~ 1.4. The smaller slope of the
breakthrough curve is another indication that the global rate 
of reaction is limited by kinetics at the low temperature.
5.4.6 Effect of Carbonation/Shift Pressure
The effect of pressure during the combined reaction stage 
is shown in Figure 5-22 where breakthrough results from tests 
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compared. Table 5-10 presents the reaction conditions of the 
three tests. The ability to remove carbon oxides during the 
prebreakthrough portion of the cycle is of primary interest. 
At the standard reaction pressure of 15 atm (test 27-1) the 
prebreakthrough CO concentration was at or below 10 ppm for t* 
< 0.58 while the C02 concentration was at or below 200 ppm for 
the same time span. These concentrations correspond to 
approximately 99.7% removal of total carbon oxides. At 5 atm 
(test 34), the driving forces for the reactions were lower and 
the prebreakthrough concentrations were approximately 100 ppm 
CO and 900 ppm C02, values which correspond to about 98.5% 
carbon oxide removal. Finally, during test 70 (1 atm), the 
rate of combined shift/carbonation reactions was very slow and 
no clear breakthrough was observed. In the early portion of 
shift/carbonation (t* < 0.18), both the CO and C02
concentrations were about 0.5% and the corresponding COx 
removal was about 85%. When t* reached about 0.9, the C0X 
removal decreased to 44% and CO and C02 concentrations were 
3.4% and 0.65%, respectively.
The slopes of the breakthrough curves are smaller at low 
pressure which is indicative of a reduced global rate. The 
decrease is due to the decrease in gas concentrations and 
residence time. If we assume that the rate of the shift 
reaction is first order with respect to CO and H20, there is 
a factor of 15x15 decrease in the shift reaction rate for test 
70 compared with test 27-1, while the factor is 3x3 for test
Table 5-10
Summary of Reaction Test Conditions for the 
Effect of Carbonation Pressure
Test 27-1 34 70
Sorbent D D D
Initial Mass, g 13 .2 13 .2 13.2
Particle Size 149- 149- 149-
Range, fim. 210 210 210
Calcination Phase
Temp., °C 750 750 750
Pressure, atm 3.3 3.3 3.3
Gas Comp., %N2 100 100 100
Flow Rate, seem 700 700 • 700
Carbornation Phase
Temp., °C 550 550 550
Pressure, atm 15 5 1
Feed Gas Comp., 
%C0 5.6 5.6 5.6
%C02 0 0 0
%h2 0 0 0
%h2o 20.0 20.0 20.0
%n2 74.4 74.4 74.4
Flow Rate, seem 250 250 250
Space Velocity
(STP) , hr'1 1425 1425 1425
151
34. In addition, lower pressure reduces the gas residence 
time, which also decreases the CO conversion. As a result, 
the global rate of reaction for test 70 was far less than that 
of test 27-1. In the postbreakthrough period, where 
carbonation has ended and the water-gas shift is the only 
reaction occurring, pressure is also important. The shift 
reaction proceeds to a greater extent at high pressure due to 
the effect of pressure on concentration and, hence, kinetics.
5.4.7 Effect of Carbonation/Shift Space Velocity
Table 5-11 shows the test conditions with the space 
velocity as the parameter during the shift - carbonation 
reaction stage. An increase in the space velocity reduces the 
gas residence time in the reactor, thereby reducing the time 
available for both the shift and carbonation reactions to 
occur. In commercial processes, increasing space velocity 
means a smaller reactor and reduced capital costs. Hence the 
objective is to find largest possible space velocity without 
significantly sacrificing COx removal. Prebreakthrough CO and 
C02 concentrations as a function of space velocity are shown 
in Figure 5-23. Except at the lowest space velocity, the 
concentrations of both components increase with increasing 
space velocity. Since temperature and feed gas composition 
were constant, equilibrium concentrations are independent of 
space velocity as indicated by the horizontal dashed lines. 
This type of response is expected since residence time
!i
Table 5-11
Summary of Reaction Test Conditions for the 
Effect of Carbonation Gas Flow Rate
Test H1(N 38, 39, 40, 41
Sorbent D D D D D
Initial Mass, g 13.2 13.2 13 .2 13 .2 13.2
Particle Size 149- 149- 149- 149- 149-
Range, /xm 210 210 210 210 210
Calcination Phase
Temp., °C 750 750 750 750 750
Pressure, atm 3.3 3.3 3.3 3.3 3.3
Gas Comp., %N2 100 100 100 100 100
Flow Rate, seem 700 700 700 700 100
Carbomation Phase
Temp., °C 550 500 600 400 650
Pressure, atm 15 15 15 15 15
Feed Gas Comp.,
%C0 5.6 5.6 5.6 5.6 5.6
%C02 0 0 0 0 0
%h2 0 0 0 0 0
%h2o 20.0 20.0 20.0 20.0 20.0
%n 2 74.4 74.4 74.4 74.4 74.4
Flow Rate, seem 250 150 350 450 600
Space Velocity
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Figure 5-23. Prebreakthrough Concentrations of CO
and C02 as a Function of Space Velocity.
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decreases with increasing space velocity. The increase in CO 
and C02 concentrations at the lowest space velocity was 
unexpected, and, for this reason, duplicate tests were 
performed with essentially the same results. It is 
significant to note that even at the largest space velocity of 
3420 hr*1, the fractional removal of total carbon oxides was 
approximately 0.995 during the prebreakthrough period.
Postbreakthrough concentrations of CO and C02 are also 
dependent on space velocity as shown in Figure 5-24. 
Equilibrium conversion is again independent of space velocity 
as represented by the horizontal dashed lines. As space 
velocity increased, there was a downward trend in the C02 
concentration and an upward trend in the CO concentration. 
These effects are consistent with the reduced time which is 
available for the shift reaction to occur at large space 
velocity.
Increased space velocity alters the shape of the 
breakthrough curve in much the same way as lower temperature 
(Figure 5-25) . At the highest space velocity (3420 hr*1) , 
initial breakthrough occurred at t* ~ 0.7, and t* ~ 1.45 was 
required for complete carbonation. The breakthrough curve at 
the lower space velocity (885 hr*1) was steeper; initial 
breakthrough occurred at t* ~ 0.85 and complete carbonation at 
t* ~ 1.15. At the intermediate space velocity of 1425 hr*1 
(not shown in Figure 5-25) initial breakthrough occurred at t* 
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5.4.8 Effect of Feed Gas Composition
Most of the tests discussed so far used the simple feed 
gas composition for the combined shift and carbonation 
reactions. The carbonation feed gas in test 24 contained all 
of the major components of coal gas (CO, C02, H2, H20, and N2) 
so that both the shift and carbonation reactions were free to 
occur simultaneously. All the other reaction parameters of 
test 24 were the same as the base test 27-1. In test 27-1, 
the carbonation feed gas contained only CO, H20, and N2 so that 
no carbonation could occur and no hydrogen could appear in the 
product gas unless the shift reaction occurred first.
Results in the form of component breakthrough curves 
versus time for tests 24 and 27-1 are presented in Figures 5- 
26 and 5-27, respectively. The results are qualitatively 
similar except that the final concentrations of H2 and C02 were 
equal in test 27-1, but not equal in test 24. In test 24 
(Figure 5-26), the final concentration of C02 was lower than 
H2 because of the presence of H2 in the feed.
5.4.8.1 Effect of H20/C0 Ratio
The H20 to CO ratio is an important economic parameter 
since the addition of excess steam will add to the process 
cost. Two sets of runs were conducted to evaluate the effect, 
one for the simple feed gas (C0/H20/N2) and the other for the 
simulated coal gas. Table 5-12 shows the reaction conditions 
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Table 5-12
Summary of Reaction Test Conditions for the 
Effect of Carbonation Gas Composition
Subgroup A Subgroup B
Test
Sorbent












27-1 42 43 53 54 55
D D D D D D
13.2 13.2 13.2 13 .2 13.2 13.2
149- 149- 149- 149- 149- 149-
210 210 210 210 210 210
750 750 750 750 750 750
3.3 3.3 3.3 3.3 3.3 3.3
100 100 100 100 100 100
700 700 700 700 700 700
550 550 750 500 600 400
15 15 15 15 15 15
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Simple Feed Gas
Prebreakthrough CO and C02 concentrations as a function 
of the HjO to CO ratio in the feed gas are shown in Figure 5- 
28. Increasing the ratio caused both the CO and C02 
concentrations to decrease. The decrease in CO was due to the 
more favorable shift equilibrium and more rapid kinetics 
associated with the higher steam concentration. Although the 
carbonation equilibrium is independent of the H20 to CO ratio, 
the C02 concentration was reduced because of the faster 
production of C02 via the shift reaction, and, as a 
consequence, the increased time available for the C02 to react 
with CaO.
Simulated Coal Gas
In tests 53, 54, and 55, the reactor feed contained all 
major constituents of a coal gas but with varying ratios of 







Except for the large N2 concentration, the ratios of CO, C02, 
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additional H20 was then added to provide molar ratios of H20 
to CO equal to 2, 3, and 4.
Breakthrough curves for test 53 (3 mol H20 per mol CO) as 
determined by the TCD are shown in Figure 5-29. The total C0X 
molar feed rate was approximately 85% greater than the C0X 
feed rate associated with the standard gas composition. In 
spite.of the larger feed rate, a prebreakthrough steady-state 
with CO and C02 concentrations below the TCD detection limit 
was established. The H2 concentration during this period was 
effectively constant at 15.2%, which is reasonably close to 
the value of 15.9% calculated by material balance assuming
tcomplete conversion of CO and complete removal of C02. 
Similar prebreakthrough steady states were achieved in tests 
54 and 55.
The prebreakthrough CO and C02 concentrations as 
determined by the flame ionization detector for these runs are 
plotted versus the H20 to CO ratio in Figure 5-30. 
Equilibrium concentrations are shown for reference purposes. 
CO concentration decreased as the H20 to CO ratio increased 
from 2 to 4. The C02 concentration was relatively constant at 
each of the feed gas compositions. It should be pointed out 
that, due to the short prebreakthrough period for test 55, the 
concentrations of CO and C02 shown in Figure 5-30 involve 
increased uncertainty. The prebreakthrough concentrations 
from Figure 5-30 are appreciably higher than obtained in the 
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concentrations of total C0X in the feed gas. However, the 
fractional removal of total carbon oxides was effectively 
constant, varying only from 0.996 to 0.997 in the six tests.
5.4.9 Effect of Sorbent Particle Size
Three different sorbent particle sizes were tested in 
runs 25, 26, and 27-1. Key reaction conditions for the tests 
are summarized in Table 5-13. Prebreakthrough concentrations 
of H2, CO and C02 were similar in all cases, with CO and C02 
concentrations below the detection limit of the thermal 
conductivity detector. In addition, the prebreakthrough H2 
concentrations were similar in each test. Fractional sorbent 
conversion, X’, at t* = 1 and t* = tf* (final time) were also 
similar in each run. However, the smallest particles (test 
26) produced a shorter prebreakthrough time and the 
breakthrough curve had a smaller slope. These features are 
emphasized in Figure 5-31 where dimensionless breakthrough 
curves for tests 25 (largest particle size) and 26 (smallest 
particle size) are compared. In addition, the
postbreakthrough concentrations appear to depend on sorbent 
particle size. Postbreakthrough H2 concentration increased 
from 3.8% with the smallest particles to 4.2% with the largest 
particles.
Table 5-13
Summary of Reaction Test Conditions for the 
Effect of Sorbent Particle Size
Test 25 26 27-1
Sorbent D D D
Initial Mass, g 13 .2 13.2 13 .2
Particle Size 250- 74- 149-
Range, pirn 300 149 210
Calcination Phase
Temp., °C 750 750 750
Pressure, atm 3.3 3.3 3.3
Gas Comp., %N2 100 100 100
Flow Rate, seem 700 700 700
Carbornation Phase
Temp., °C 550 550 550
Pressure, atm 15 15 15
Feed Gas Comp., 
%C0 5.3 5.4 5.5
%C02 0 0 0
%h2 0 0 0
%h2o 20.1 20.0 20.0
%n 2 74.6 74.6 74.4
Flow Rate, seem 250 250 250
Space Velocity
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5.4.10 The Nature o£ the Shift Reaction
Although the experimental results proved that the shift 
reaction occurred over the range of reaction conditions 
studied, the driving force for the shift reaction is not 
clear. The commercial shift processes (discussed in Chapter 
2) are catalytic, but the reaction temperature is 150°C to 
200°C lower than the temperatures used in this study. The 
literature contains little information on the shift reaction 
at 500°C or higher, because adverse equilibrium conversion 
makes the process impractical when only the shift reaction 
occurs. Kondrat'ev and Ziskin (1943) reported that the shift 
reaction does occur at 700 and 800°C in the absence of a 
catalyst. A number of metals and metal oxides, including iron 
and magnesia, are known shift catalysts (Rofer-DePooter, 
1984) . However, no references to either CaO or A1203 
catalyzing the reaction are known.
Several possible driving forces for the shift reaction at 
the conditions of the current study may be listed:
1. The shift reaction is strictly a homogeneous gas phase 
reaction;
2. The shift reaction is catalyzed by CaO, CaC03, and/or 
MgO, which are the primary species present;
3. The shift reaction is catalyzed by the stainless steel 
reactor walls and/or the porous stainless steel disks used to 
separate the sorbent sections;
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4. The shift reaction is catalyzed by the impurities 
present in the calcined sorbents.
In order to learn more about the nature of the shift 
reaction at high temperature, a series of tests using an empty 
reactor as well as a variety of packing materials was carried 
out. Reaction conditions were as shown in Figure 5-32, where 
fractional conversion of CO via the shift reaction is 
compared. The equilibrium fractional conversion is 0.91 under 
these conditions. Results from the three tests in which the 
packing was capable of reacting with C02 (dolomite, limestone, 
and marble chips) are based upon the postbreakthrough period 
after carbonation was effectively complete.
From Figure 5-32, we see that the lowest CO conversion 
occurred in the empty reactor test, which suggests that the 
degree of the homogeneous shift reaction and the catalytic 
effect of the reactor walls is small. A catalyst is required 
if the shift reaction is to approach equilibrium under the 
reaction conditions. However, other test results do little to 
clarify which compound provides the main driving force for the 
shift reaction. The higher CO conversion using dolomite 
compared to the marble chips suggests that MgO exerts a 
catalytic effect (marble chips contain little or no MgO). The 
higher CO conversion using limestone may be attributed to the 
impurities in the sorbent. If we compare the results of the 
empty reactor and the marble chips tests, it seems that CaO or 
CaC03 also exerts some catalytic effect on the shift reaction.
Equilibrium: 0 .91
T = 550 oC 
P = 15atm 
Feed Gas Composition 
-  5.6% CO 0.67 
20.0% H2O 
-74.4% N2





Test 58 Test 57 Test 61 
Shift Limestone Marble 
Catalyst Chips
Figure 5-32. Fractional Extent of the Shift Reaction 
Using Various Reactor Packing.
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It is surprising that the highest CO conversion occurred when 
the reactor contained A1203 because no previous work was found 
which claimed A1203 as a shift catalyst. The commercial iron*- 
cobalt shift catalyst, manufactured by United Catalyst, Inc., 
produced slightly lower shift conversion than did A1203. 
However, the reaction temperature was significantly higher 
than the design temperature for the catalyst. Indeed, 
experimental results suggested that H2 formed by the shift 
reaction reduced the iron oxide in the catalyst to a lower 
oxidation state.
In order to clarify the shift mechanism, more tests have 
to be made under stringent conditions so that every possible 
driving force is isolated for the examination. The above 
"compound oriented" analysis is obviously too rough. However, 
it does appear that heterogeneous catalysis is responsible, at 
least in part, for the shift reaction, but it is not possible 
to attribute the catalytic effect to a single component.
5.4.11 Sorbent Structural Change Along the Reactor Axis
The sorbent structure change along the reactor axis was 
studied by measuring pore volume and pore size distribution. 
Two VA cycle tests (33 and 51) were specifically conducted for 
this purposes. Standard conditions were used for both tests 
except that calcination in test 33 was conducted in a mixture 
of H20 and N2, and for test 51, the calcination atmosphere was 
pure N2. The shift/carbonation phase of cycle 2 was
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intentionally terminated at t* = X* ~ 0.4 to provide an axial 
distribution in the extent of carbonation. Roughly speaking, 
carbonation in the first (top) section should approach 
completeness with a decreasing extent of carbonation in 
sections 2 and 3 and essentially no carbonation in section 4 
(bottom).
Pore size distribution curves as well as the pore volume 
for each section of tests 33 and 51 are shown in Figure 5-33 
(a through d) . All samples show a clear difference in the 
pore size distributions, with the H20/N2 calcination atmosphere 
producing pores which are approximately twice as large as the 
pores produced in N2. Total pore volumes were reasonably 
similar in each atmosphere, and the pore volume increased from 
top to bottom in accordance with the expected variation in 
extent of carbonation. The range of pore diameters in each of 
the four sections from test 51 was from approximately 0.05 to 
0.3 /xm with the peak in the distribution curve dropping from 
about 0.18 /xm at minimum carbonation (bottom section) to 0.1 
/xm at maximum carbonation (top section) . For test 33, the 
same trend was also observed and the range of pore diameters 
was from approximately 0.1 to 0.5 /xm with the peak dropping 
from 0.32 /xm in the bottom section to 0.22 /xm in the top 
section.
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5.5 Conclusions
The single cycle tests confirm the results established by 
the preliminary studies discussed in the previous chapter, and
provide experimental confirmation of the simultaneous
occurrence of the shift and carbonation reactions. 
Calcination can be conducted over a temperature range of 750°C 
to 900°C under either N2 or a mixture of N2 and steam. The 
calcination reaction becomes very slow at 650°C. A higher 
calcination temperature tends to increase C02 product
concentration while reducing the required amount of 
calcination sweep gas. No significant adverse effect of high 
calcination temperature was observed in the first carbonation 
shift cycle. Equilibrium for the combined shift 
carbonation reactions can be closely approached at 15 atm, in 
the temperature range of 500°C to 600°C and at space velocities 
as high as 3400 hr'1 (STP) . Total prebreakthrough 
concentrations of carbon oxides of approximately 300 ppm (dry 
basis) in the reactor product were routinely achieved while 
concentrations of less than 50 ppm (dry basis) were achieved 
at the most favorable conditions. These concentrations
correspond to factional removal of total carbon from about 
0.995 to greater than 0.999.
Carrying out the shift and carbonation reactions in a 
single processing vessel without the addition of a catalyst 
provides the basis for a possible alternate and simpler 
process for the production of hydrogen from synthesis gas.
Although low cost dolomite is used as the C02 sorbent 
precursor, it will be necessary, if the process is to be 
economical, for the sorbent to retain structural integrity and 
activity through numerous calcination-carbonation cycles. 
Multicycle tests to evaluate the sorbent durability will be 
discussed in the next chapter.
CHAPTER 6
EXPERIMENTAL RESULTS AND DISCUSSION:
MULTICYCLE TESTS
This chapter presents the results of multicycle tests to 
evaluate sorbent durability. The reaction conditions were 
chosen based on the single cycle studies described in the 
previous chapter. Results of five cycle tests using dolomite 
and marble chips are first discussed and multiple methods to 
compare sorbent durability are described. Effects of reaction 
parameters on sorbent durability over multicycle tests are 
covered in sections 6.2 to 6.5. Finally, two tests with 
favorable conditions were extended to eleven and ten test 
cycles.
6.1 Comparison of Sorbent Performance on Five-Cycle Tests
Table 6-1 summarizes the reaction conditions for all the 
multicycle tests. As discussed in the previous chapters, 
three different sorbent precursors -- dolomite, limestone and 
marble chips -- were selected for this research. Single cycle 
tests indicated that the reactivity of limestone was very poor 
compared with dolomite and marble chips; the presence of 
impurities in the limestone made it impossible to calculate 
dimensionless breakthrough curves for sorbent performance 
comparison. Hence the limestone was not chosen for multicycle 
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63 64 65 66
MC D D D
5 5 11 5
13.2 13.2 13.2 13.2
149- 149- 149- 149-
210 210 210 210
750 750 750 750
3.3 3.3 3.3 3.3
100 100 100 100
0 0 0 0
700 700 700 700
550 550 550 550
15 15 15 15
5.6 5.6 5.6 6.6
0 0 0 3.1
0 0 0 4.6
20.0 14.0 20.0 26.4
74.4 80.4 74.4 59.3
250 250 250 250
1425 1425 1425 1425
Tests
67 68 69 72
D D D D
5 5 5 10
13.2 13.2 13.2 13.2
149- 149- 149- 149-
210 210 210 210
800 850 850 900
3.3 3.3 3.3 I
100 100 50 100
0 0 50 0
700 700 250 700
550 550 550 550
15 15 15 1
6.6 6.6 6.6 13.7
3.1 3.1 3.1 5.1
4.6 4.6 4.6 8.4
26.4 26.4 26.4 51.8
59.3 59.3 59.3 21.0
250 250 250 96.6
1425 1425 1425 551
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available, it was assumed that marble chips contain mainly 
calcium carbonate.
Two five cycle tests (27 and 63) using dolomite and 
marble chips were conducted under standard conditions. While 
there are a number of ways to evaluate durability, all show a 
gradual decrease with cycle number.
Results of Base Multicycle Run -- Test 27
Figure 6-1 compares the CO and C02 breakthrough curves 
for the first and fifth cycles of test 27. Data from the 
thermal conductivity and flame ionization detectors are 
combined on this semi-log plot to show the complete 
breakthrough curves ,with concentrations ranging from 
approximately 10 to 100,000 ppm (0.001% to 10.0%). Flame 
ionization detector results were used for all concentrations 
below 5000 ppm (0.5%) with thermal conductivity results used 
at the higher concentrations.
In the first cycle, CO concentration was at or below the 
10 ppm level for the first 72 minutes. Thereafter the 
traditional S-shaped breakthrough curve was observed and the 
CO concentration increased to 26,000 ppm (2.6%) at the end of 
the test. Initial CO concentrations in cycle 5 were also near 
the 10 ppm level, but initial breakthrough occurred after 30 
minutes. The slope of the breakthrough curve decreased 
indicating a somewhat slower global reaction rate and the 
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higher than in the first cycle. At the end of the run only 
the shift reaction was occurring, and the result suggests that 
sorbent aging has a negative effect on the kinetics of the 
shift reaction at conditions were carbonation does not occur.
Prebreakthrough C02 concentrations were similar in both 
the first and fifth cycles, and were in the general range of 
90 to 220 ppm (0.009 to 0.022%) . However, C02 breakthrough in 
the fifth cycle clearly occurred at an earlier time. Final 
C02 concentration in the fifth cycle was lower than in the 
first cycle, in agreement with the previously described
reduction in the global kinetics of the shift reaction.
An alternate way of comparing sorbent durability is shown 
in Figure 6-2 where CO and C02 breakthrough time is plotted 
versus cycle number. The breakthrough times in this figure 
are arbitrarily defined as the times required for the CO
product gas composition to reach 100 ppm and for the C02
product gas composition to reach 500 ppm. Over the five
cycles the C02 breakthrough time decreased from 94 to 75 
minutes while the CO breakthrough time decreased from 85 to 55 
minutes. These numbers represent an average decrease in 
breakthrough time of from 4% to 7% per cycle.
Still another means of evaluating multicycle durability 
is provided in Figure 6-3 where fractional calcium conversion, 
X*, is plotted versus cycle number at two dimensionless times, 
t* = 0.5 and t* = 1.0. The fact that X’ = 0.5 at t* = 0.5 
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Figure 6-3. Fractional Calcium Conversion at Selected 
Dimensionless Times as a Function of 
Cycle Number. 183
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achieved during the early reaction stages of all cycles. At 
t* = 1.0, the value of X* increased from 0.83 in cycle l to a 
maximum of 0.84 in cycle 3 and then decreased to 0.79 in cycle
5. Thus the average sorbent capacity decrease was only about 
1% per cycle. For practical purposes, the carbonation 
reaction was complete at t* = 1.0 since final values of X* 
ranged from 0.84 in cycle 1 and 3 to 0.80 in cycle 5.
Results of Five Cvcle Test Using Marble Chios
Because of the high C02 capacity and relatively favorable 
first-cycle reactivity, as described in the previous chapter, 
a five-cycle test (test 63) was conducted at standard reaction 
conditions using marble chips as the sorbent precursor. 
Figure 6-4 compares the CO and C02 breakthrough curves from 
cycles l and 5 (using both the FID and TCD analyzers) . A 
prebreakthrough steady-state was reached in cycle 1 with CO 
concentration in the range of 30 to 40 ppm and C02 
concentration of about 200 ppm. These concentrations, which 
correspond to 99.7% carbon oxide removal, compare favorably 
with the prebreakthrough concentrations obtained using 
dolomite. By the fifth cycle, however, no steady-state 
postbreakthrough period was observed. Instead, both the CO 





















0.1 0.3 0.5 0.7 0.9 1.1 1.3 1.5
Dimensionless Time, t*








Figure 6-4. Comparison of CO and C02 Breakthrough 
Curves in the First and Fifth Cycles 
of Test 63. 185
186
Poor multicycle durability of CaC03 sorbent precursors 
was observed in the previous studies using a TGA reactor 
(Silaban, 1993), and the results shown in Figure 6-4 confirm 
those observations. Further evidence of the more rapid 
deterioration of the high CaC03 sorbent compared to dolomite 
is shown in Figure 6-5 where the dimensionless times, t*, at 
which the CO and C02 concentrations in the reactor product 
reached 100 and 500 ppm, respectively, are plotted versus 
cycle number. Data from test 27 are included for comparison. 
The negative slopes of each of the four lines indicate poorer 
performance of both sorbents in each succeeding cycle. 
Although first-cycle times are comparable, the performance of 
marble chips decreased more rapidly and the superior 
durability of the dolomite is clearly evident.
6.2 Effect of Carbonation/Shift Temperature
Tests 56 and 60, coupled with earlier test 27, provide a 
series of five-cycle tests in which the shift/carbonation 
temperature was varied while standard conditions were used for 
all other reaction parameters. A prebreakthrough steady-state 
was achieved in all cases and prebreakthrough CO and C02 
concentrations as a function of cycle number are shown in 
Figure 6-6 and 6-7, respectively. At both 550°C and 600°C, the 
prebreakthrough concentrations were reasonably constant as the 
number of cycles increased. The variation in the 
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least in part, to analytical uncertainty. These
concentrations, on the order of 1000 to 6000 ppm (0 .1% to 
0.6%) are difficult to analyze with precision. The lower 
concentration limit for the TCD is about 5000 ppm while the 
upper concentration limit for methanation and FID analysis is 
about 1000 ppm. Although the quantitative values at 650°C are 
somewhat uncertain, the results suggest improved performance 
as the number of cycles increased. The increase in 
prebreakthrough concentrations with increasing temperature 
reflects the effect of temperature on the equilibrium of the 
combined reactions.
Figure 6-8 shows the fractional removal of total carbon 
oxides, FCOX, during the prebreakthrough period as a function 
of temperature and cycle number. At 550°C, , FCOX was equal to 
0.996 in each of the five cycles. At 600°C, FCOX varied 
between 0.979 and 0.986, while at 650°C, FCOX increased from 
0.904 in cycle 1 to 0.941 in cycle 5. The apparent increase 
at 650°C is due to the decreasing C02 concentrations shown in 
Figure 6-7.
While the relatively constant prebreakthrough 
concentration results are quite positive, some deterioration 
in sorbent performance with cycle number was observed. In 
general, the duration of the prebreakthrough period decreased 
with increasing cycle number. This is shown in Figures 6-9 
and 6-10. In Figure 6-9, fractional carbon oxide removal 
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for cycles l and 5 of test 56 (650°C) . In cycle 1, active 
breakthrough occurred over the range of t* values between 0 .9 
and 1.2, while in cycle 5 breakthrough began at t* ~ 0.7. 
Another measure of sorbent deterioration is that the final 
conversion of CaO to CaC03 decreased from 0.89 in cycle l to 
0.78 in cycle 5.
In Figure 6-10, CO and C02 breakthrough curves, using 
combined FID and TCD results, from the first and fifth cycles 
of test 60 (600°C) are plotted versus dimensionless time.
Prebreakthrough CO concentrations were approximately constant 
at 400 ppm in both cycles, but the CO concentration reached 
1000 ppm at t* = 0.96 in cycle 1 and at t* = 0.76 in cycle 5. 
The prebreakthrough C02 concentration was actually lower in 
cycle 5, 570 ppm versus 890 ppm, but the duration of the C02 
prebreakthrough period was shorter in the fifth cycle.
The deterioration in performance with increasing cycle 
number was most severe at 650°C. This is illustrated in 
Figure 6-11 where the dimensionless time at which the 
fractional carbon oxide removal decreased to 70% is plotted 
versus cycle number. At 650°C, this occurred at t* = 0.99 in 
the first cycle, but at t* = 0.78 in the fifth cycle. At 
600°C, the decrease was from 0.99 in cycle 1 to 0.87 in cycle 
5. All values of t* at 550°C were somewhat lower but 
deterioration was moderate, from t* = 0.83 in cycle 1 to t' = 
0.75 in cycle 5. These lower values of t* at 550°C are the 
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Figure 6-11. Sorbent Deterioration in Multicycle
Tests as a Function of Temperature.
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lower at the low temperature. For example, the final 
fractional conversions of CaO for the first cycles of the 
three tests were 0.84, 0.99, and 0.89 at 550, 600, and 650°C, 
respectively. By the fifth cycle, the final fractional 
conversions were 0.80, 0.89, and 0.78.
Structural Property Measurements
At the conclusion of test 56, sorbent was removed from 
each of the four axial sections of the reactor and pore volume 
and pore size distribution were measured using the mercury 
porosimeter. The results are presented in Figure 6-12 (a 
through d). In all four sections, the pore volume was in the 
range of 0.02 to 0.03 cm3/g, compared to 0.36 cm3/g after 
initial calcination. No distribution curve was visible in the 
top two sections, and only small peaks in the 0.2 to 0.3 fim 
diameter range were present in the bottom sections. The lower 
pore volumes for test 56 are consistent with the fact that the 
shift/carbonation reaction was carried out until carbonation 
was essentially complete. The overall fractipnal calcium 
conversion at the end of the fifth cycle was 0.77 and the 
degree of carbonation was relatively independent of axial 
position.
6.3 Effect of Carbonation/Shift Space Velocity
In test 62, dolomite was tested over five cycles at the 
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standard value of 1425 hr'1 (STP). Standard values were used 
for the other reaction parameters. Previous single-cycle 
tests at the larger space velocity showed only a- small 
increase in prebreakthrough CO and C02 concentrations. The 
objective of the multicycle test, therefore, was to determine 
the effect of the larger space velocity • on sorbent 
durability.
CO breakthrough curves based upon the combined FID and 
TCD analyzers for the five cycles are shown in Figure 6-13. 
Because of the large space velocity there was little evidence 
of a prebreakthrough steady state; instead, CO concentrations 
increased continually with time. The important result from 
Figure 6-13 is that breakthrough performance in cycles 2 
through 5 was quite similar; little or no deterioration in 
sorbent performance occurred after the first cycle. CO 
concentrations during the early stages of the reaction were in 
the range of 10 to 40 ppm, and were only marginally larger 
than the prebreakthrough CO concentrations found in each cycle 
of the comparable test at 1425 hr'1 (STP) space velocity.
The fact that little or no deterioration in sorbent 
performance occurred after the first cycle is emphasized in 
Figure 6-14 where the dimensionless times required for the CO 
and C02 concentrations in the product gas to reach 100 ppm and 
500 ppm, respectively, are plotted versus cycle number. 
Comparable results from test 27 at 1425 hr'1 (STP) space 
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fact that the decrease between cycles 1 and 2 was more 
significant at 3000 hr*1 (STP) ; the overall results for the two 
tests are quite similar. Small improvements in performance 
actually occurred in test 62 between cycles 3 and 4, and 
between cycles 4 and 5. Thus, we conclude that increased 
space velocity does not' have a negative effect on sorbent 
durability.
6.4 Effect of Carbonation/Shift Gas Composition
As in the singe-cycle studies, the five-cycle tests using 
various feed gas compositions focused on the effect of the H20 
to CO ratio using the simple gas composition and a comparison 
of the simple gas with a simulated coal gas.
H,0 to CO Ratio
Economic considerations will require that the shift- 
carbonation step operate with the lowest H20 to CO ratio 
consistent with effective shift reaction and the production of 
H2 product of the required purity. In most previous 
multicycle tests, such as test 27, the "standard" feed gas 
composition having a H20 to CO ratio of 3.57 was used. In 
test 64, the H20 content was reduced to provide a H20 to CO 
ratio of 2.5, approximately 30% lower than the standard value.
Prebreakthrough CO and C02 concentrations along with the 
fractional removal of total carbon oxides in the 
prebreakthrough period of test 64 are shown as a function of
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cycle number in Figure 6-15. CO concentrations (dry basis) 
ranged from 29 ppm in cycle 1 to 62 ppm in cycle 5. The 
maximum C02 concentration was 274 ppm in cycle 2 while the 
minimum of 214 ppm occurred in cycle 4. The combined COx 
concentrations corresponded to 0.995 to 0.996 fractional 
removal of total carbon oxides. These concentrations are only 
marginally higher than those achieved in earlier tests using 
a HjO to CO ratio of 3.57 and otherwise equivalent conditions. 
The fractional carbon oxide removal in those tests ranged from 
0.996 to 0.998.
Only moderate sorbent deterioration occurred during the 
five cycles as indicated in Figure 6-16, where fractional 
carbon oxide removal (as determined by TCD analysis) and 
fractional conversion of CaO are plotted as a function of 
dimensionless time for the first and fifth cycles of test 64. 
(C0+C02) concentrations were below the TCD detection limit 
until t* ~ 0.87 in cycle 1 and until t* ~ 0.73 in cycle 5. The 
slope of the breakthrough curve was also somewhat smaller in 
cycle 5. When FCOX - 1.0, X* ~ t* and the fractional sorbent 
conversion curves for the two cycles overlapped; the curves 
began to deviate once COx breakthrough began. At t* = 1.1, X* 





































Figure 6-15. Prebreakthrough CO and COa Concentrations
and Fractional Removal of Total Carbon
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Figure 6-16. Fractional COx Removal and Fractional Sorbent 
Calcium Conversion as a Function of 
Dimensionless Time in First and Fifth Cycles 

















Simulated Coal Gas Feed
In test 66, the reactor feed contained all four major 
components of coal gas -- CO, C02, H2, and H20. Reaction 
conditions for this five cycle test were, with the exception 
of the shift-carbonation feed gas composition, identical to 
those used in the previous test 27. The primary purpose was 
to compare five-cycle sorbent durability for the simple and 
more complex feed gases.
The total carbon oxide content of the feed gas in test 66 
(6 .6% CO and 3.1% C02) was 73% greater than used in test 27. 
As a consequence, the prebreakthrough CO and C02
concentrations were somewhat larger, and the duration of the 
prebreakthrough period (in dimensional time) was decreased. 
Sorbent durability, however, did not suffer.
Prebreakthrough CO and C02 concentrations as well as 
fractional removal of total carbon oxides for test 66 are
plotted as a function of cycle number in Figure 6-17. CO
concentrations ranged from 46 to 135 ppm while C02
concentrations ranged from 225 to 262 ppm; the average 
prebreakthrough concentrations were 101 and 240 ppm for CO and 
C02, respectively. Although the prebreakthrough
concentrations, particularly for CO, were considerably higher 
than those for test 27, the fractional removal of total carbon 
oxides remained extremely high, varying only between 0.997 and 

























Figure 6-17. Prebreakthrough CO and C02 Concentrations
and Fractional Removal of Total Carbon Oxides 


























Sorbent durability for test 66 is illustrated in Figure 
6-18 where fractional carbon oxide removal and fractional 
sorbent conversion for the first and fifth cycles are plotted 
versus dimensionless time. Product gas analysis for this 
figure is based upon the TCD. C0+C02 concentrations were
below the TCD detection limit for t* s 0.75 in both cycles. 
The global rates of the combined reactions were approximately 
equal in both cycles as indicated by the similar slopes of the 
breakthrough curves. The obvious changes over the five cycles 
were the slightly earlier breakthrough in the fifth cycle and 
the reduction in final fractional CaO conversion, from 0.91 in 
cycle 1 to 0.85 in cycle 5.
6.5 Effect of Calcination Conditions
Test 67, which also lasted five cycles, duplicated the 
reaction conditions of test 66 except that the calcination 
temperature was 800°C instead of the standard 750°C. Although 
the previous TGA studies (Silaban, 1993) suggested that higher 
calcination temperature was detrimental to sorbent durability, 
a high calcination temperature is needed in order to reduce 
the required flow rate of calcination sweep gas. Figure 6-19 
compares the CO and C02 breakthrough curves from the first and 
fifth cycles of test 67. In this figure, concentrations are 
based upon the combined FID and TCD analyzers. The general 
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Figure 6-18. Fractional CO, Removal and Fractional Sorbent
Calcium Conversion as a Function of Dimensionless 
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Figure 6-19. CO and C02 Breakthrough Curves from the 




sorbent deterioration is again shown by the shorter duration 
of the prebreakthrough period during the fifth cycle.
Single cycle tests suggested that adding steam to the 
calcination sweep gas would change the structure of the 
calcined sorbent, but would not have a negative effect on the 
subsequent shift/carbonation kinetics. Test 68 and 69 were 
carried out to determine the effect of a further increase in 
calcination temperature to 850°C using both dry N2 and a H20 
/N2 mixture.
Increasing the calcination temperature and adding H20 to 
the calcination atmosphere had, at most, a small effect on 
prebreakthrough CO and C02 concentrations and fractional 
removal of carbon oxides as shown in Table 6-2. CO 
concentrations in the 20 cycles of the four tests ranged from 
46 to 170 ppm while C02 concentrations ranged from 174 to 340 
ppm. The average fractional removal of total carbon oxides was 
0.998 in tests 66 and 67 (750°C and 800°C calcination in N2) 
and 0.997 in tests 68 and 69 (850°C calcination in N2 and
50%H2O/N2) .
The pattern of gradual sorbent deterioration in these 
tests is illustrated in Figures 6-20 and 6-21. The parameter, 
t i W ,  which is the ratio of dimensionless time required to 
reach a specified concentration in cycle i to the 
dimensionless time required to reach the same concentration in 
cycle 1, is plotted versus cycle number. Results from tests 
66 through 69 are included. With this representation, the
Table 6-2 •
|Prebreakthrough Concentrations 
of CO and C02 in Tests 66 Through 69 ,f
Prebreakthrough CO Concentrations (ppm)
Test 66 Test 67 Test 68 ! Test 69
Cycle 750°C, N2 800°C, N2 850°C, N2 j 850°C, H20/N2
1 111 140 122 | 147
2 81 138 152 . 131
3 46 100 159 . 111
4 134 111 157 ! 118
5 135 117 170 | 126
Avearge Cone. 101 121 152 | 126
5rebreakthrough C02 Concentration (ppm)
Test 66 Test 67 Test 68 . Test 69
Cycle 750°C/ N2 800°C, N2 850°C, N2 j 850°C, H20/N2
1 225 212 288 i 340
2 262 240 258 | 295
3 245 174 242 j 286
4 234 185 246 242
5 234 143 278 ; 259
Avearge Cone. 240 191 262 ! 284























Figure 6-20. Comparison of the Decrease in Sorbent
Reactivity for CO as a Function of Cycle 
Number for Tests 66 through 69.
Calcination:
Temp.,°C Comp.
e —  Test 66 750 100%N2
e —  Test 67 800 100%N2
■A—  Test 68 850 100%N2
■0—  Test 69 850 50%H20-50%N2
I____ |_____ I___ |_____ |___ |______|___|_____ I___L
























Figure 6-21. Comparison of the Decrease in Sorbent
Reactivity for C02 as a Function of Cycle 
Number for Tests 66 through 69.
Calcination:
Temp.,°C Comp.
Test 66 750 100%N2
e —  Test 67 800 100%N2
■A—  Test 68 850 100%N2
Test 69 850 50%H2O-50%N2
I < I . I____ , I___ 1 L




dimensionless time ratio for the first cycle is always 1.0 and 
the slope of the line provides an immediate visual image of 
the rate of deterioration. In previous comparisons of this 
type, the CO concentration reference was chosen to be 100 ppm. 
However, in these tests which involved significantly higher 
COx feed concentrations, the prebreakthrough CO concentration 
was often greater than 100 ppm (see Table 6-2). Hence, 200 
ppm was chosen as the CO reference concentration; the C02 
reference concentration was 500 ppm as usual.
Although the test 66 results for both CO (Figure 6-20) 
and C02 (Figure 6-21) are somewhat scattered, a consistent 
order showing more rapid reactivity loss following higher 
temperature calcination in dry N2 is established. However, 
the addition of H20 in test 69 seemed to retard sorbent 
deterioration somewhat. The results from test 69 are clearly 
superior to the test 68 results, and are comparable to results 
using lower calcination temperature in dry N2. The maximum 
five-cycle deterioration for CO occurred in test 68 using 
850°C calcination in dry N2 where (t-jVt/) = 0.68, and the 
maximum overall C02 deterioration also occurred in test 68 
where (tsVtj*) = 0.75. These results are consistent with an 
average deterioration rate of 5 to 6% per cycle at 850°C and 
about 2% per cycle at 750°C. The overall average rate of 
deterioration at 850°C in the H20 - N2 calcination gas was 
about 3% per cycle.
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From a process viewpoint, the higher sorbent 
deterioration rate at high calcination temperature would be 
balanced by a decrease in the required flow rate of 
calcination sweep gas and an increase in the C02 concentration 
in the product gas. At 850°C, the equilibrium partial 
pressure of C02 over CaO is approximately 0.5 atm, compared to 
about 0.08 atm at 750°C. Consequently, in steady-state 
calcination operating near equilibrium conditions, the 
required sweep gas flow rate would be 6 to 7 times less at 
850°C than at 750°C, and the C02 concentration in the product 
gas would be 6 to 7 times higher.
6.6 Eleven-Cycle Test Results
Prebreakthrough CO and C02 concentrations and fractional 
removal of carbon oxides for 11-cycle test 65 are shown in 
Figure 6-22. Also included are the comparable values from 
previous five-cycle test 27 at the same reaction conditions. 
C02 prebreakthrough concentrations for the 16 cycles of the 
two tests ranged between about 170 and 280 ppm, while 
prebreakthrough CO concentrations were in the 10 to 30 ppm 
range. Fractional carbon oxide removal was either 0.996 or
0.997 in each of the 16 cycles. The fact that prebreakthrough 
concentrations did not increase through 11 cycles is 
particularly encouraging.
In spite of the relatively constant prebreakthrough CO 
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Figure 6-22. Prebreakthrough CO and C02 Concentrations and
Fractional Removal of Total Carbon Oxides as

















test 65. The most obvious sign of deterioration was a 
decreased duration of the prebreakthrough period. This effect 
is illustrated in Figure 6-23 where the dimensionless times 
required for the CO concentration to reach 100 ppm and for the 
C02 concentration to increase to 500 ppm are plotted versus 
cycle number. For both components the overall average 
decrease in dimensionless time was about 0.05 per cycle.
6.7 Ten Cycle Results Under Xsobaric Conditions
In most of the previous runs, calcination was carried out 
at 3.3 atm and the carbonation/shift reaction was at 15 atm in 
order to produce high purity H2. However, for possible 
commercial processes, a dual recirculating fluidized-bed 
reactor system will be most efficient. Such a process will be 
much easier to operate if both the calcination and 
carbonation/shift reactors are at the same pressure.
Ten-cycle test 72 was carried out to evaluate system 
performance when both calcination and shift/carbonation were 
carried out at 1 atm. 900°C calcination temperature was 
chosen because the C02 equilibrium pressure at this 
temperature is about 1 atm; hence, pure C02 can theoretically 
be produced during calcination. The feed gas contained all 
major components of coal gas with a steam to CO ratio of 3.78. 
Feed concentrations of CO and C02 -- 13.7% and 5.1% -- were 
higher than the standard total carbon oxide feed concentration 
























Figure 6-23. Dimensionless Time Required for the CO
Concentration to Reach 100 ppm and for the 
CO, Concentration to reach 500 ppm as a 
Function of Cycle Number. Test 65.
Test 65
CO - 100ppm 
CO2 - 500ppm
I I I I I I I 1 I 1 L




pressure. The lower space velocity was chosen to increase the 
contact time between the gases and sorbent.
Component breakthrough curves for the first cycle of test 
72 are shown in Figure 6-24. Prebreakthrough CO and C02 
concentrations were sufficiently high to permit TCD analysis 
throughout the test. The concentrations are on a logarithmic 
scale to emphasize that there was no true prebreakthrough 
steady state established. The CO concentration, in 
particular, showed a continuous increase with time. This 
increase becomes effectively invisible when plotted on a 
linear scale. During the early portion of the reaction (for 
approximately the first 40 minutes) the fractional removal of 
total carbon oxides was about 0.97.
Figure 6-25 compares the fractional carbon oxide removal, 
FCOX, and fractional calcium conversion, X’, as a function of 
dimensionless time, t\ for the first, sixth, and the tenth 
cycles of test 72. In cycle 1, FCOX began at about 0.97 and 
remained above 0.9 for t* s 0.7. The reaction became quite 
slow at t* > 1 .1 , and almost 10% carbon oxide removal was 
still occurring when the test was terminated at t* = 1.5. The 
final fractional sorbent conversion was X* = 0.87, which is 
comparable to the values obtained from tests using 15 atm 
shift-carbonation pressure and lower calcination temperature. 
In the sixth cycle, FCOX exceeded 0.95 during the initial 
stages but dropped below 0.9 for t* > 0.5. At the end of the 
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Figure 6-24. CO, C02, and H2 Breakthrough Curves for the 
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Figure 6-25. Fractional COx Removal and Fractional
Sorbent Calcium Conversion for the First,


















0.78. Further deterioration in performance is obvious at the 
end of the tenth cycle. FCOX exceeded 0.9 only for t’ s 0.3 
and the final fractional sorbent conversion was only 0.54.
A measure of sorbent performance on a cycle-by-cycle 
basis is shown in Figure 6-26 where the dimensionless time, 
t*, at which the fractional carbon oxide removal decreased to
0.9 (FCOX = 0.9) and the fractional sorbent conversion, X*, at 
t* = 1.0 are plotted versus cycle number. While sorbent 
deterioration does occur, it is no more severe at the reaction 
conditions of test 72 than at the earlier reaction conditions 
where higher shift/carbonation pressure and lower calcination 
temperature were used. This is illustrated in Figure 6-27 
where the ratio, tiVtx*, of the dimensionless time required 
for FCOX to decrease to 0.9 in cycle i to the same 
dimensionless time in cycle 1 is plotted versus cycle number. 
Results from test 72 are compared to results from test 65 
which utilized 15 atm shift-carbonation pressure and 750°C 
calcination temperature. The values of tx* for test 65 were 
larger because of the higher reaction pressure, but there is 
little, if any, difference in the rate of sorbent 
deterioration. In both tests, the average rate of sorbent 
deterioration over 10 cycles was just over 5% per cycle.
6.8 Conclusions
Multicycle tests evaluated sorbent durability at reaction 
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Figure 6-26. Sorbent Performance Deterioration 























Figure 6-27. Comparison of Sorbent Deterioration
Rates of Tests 65 and 72. 224
the primary sorbent while marble chips were also tested for 
comparison. The effect of calcination temperature and gas 
composition, carbonation/shift temperature, space velocity, 
and gas composition were studied. It was concluded that 
dolomite has better durability than marble chips. A 
deterioration rate of about 5% per cycle was determined for 
dolomite under the standard conditions, while for marble 
chips, the average deterioration per cycle was about 14%. 
Calcination at high temperature and in dry N2 resulted in an 
increased multicycle reactivity loss, but the addition of H20 
to the calcination sweep gas retarded sorbent deterioration. 
For the shift/carbonation reaction conditions, increasing 
temperature or decreasing H20 to CO ratio reduced the sorbent 
reactivity. However, no negative effect on sorbent durability 
was observed by increasing space velocity. Although the 
fractional removal of C0X was reduced by lowering the 
shift/carbonation pressure, sorbent durability was comparable 
with the results achieved using standard conditions.
CHAPTER 7
SUMMARY, CONCLUSIONS AND RECOMMENDATIONS
Different technologies for producing hydrogen have been 
developed in the past fifty years; among these, steam 
reforming of methane or light hydrocarbons is the primary 
commercial process. Because coal represents a major energy 
resource in the world, hydrogen from coal may become dominant 
in the future. A technology that allows for utilization of 
coal and which is environmentally acceptable is coal 
gasification. Coal gas has numerous potential applications 
such as electrical power generation through fuel cell and 
production of hydrogen, methanol and other chemicals.
Synthesis gas from a hydrocarbon reformer or a coal 
gasifier may be either completely converted to hydrogen for 
ammonia production or adjusted to a certain H2/CO ratio for 
methanol synthesis through the water-gas shift reaction. The 
conventional shift process consists of multiple catalytic 
reaction steps with C02 removal using low temperature 
scrubbing, and associated gas-to-gas heat exchangers between 
the shift and C02 removal steps. Methanation or pressure 
swing adsorption (PSA) is usually employed if high purity H2 
is needed.
A novel concept of combining the shift reaction with high 
temperature C02 removal for direct hydrogen production has 
been investigated. Potential advantages of the new process
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include reduced capital costs by combining the reaction steps 
and C02 separation into a single processing vessel. In 
addition, the number of heat exchangers and excess steam 
requirements would be reduced, providing improved thermal 
efficiency. Finally, the new process would eliminate the need 
for the expensive and sulfur-sensitive shift catalysts.
Calcium oxide based sorbents were used to absorb C02 
through the gas-solid reaction:
CaO(s) + C02{g) * CaC03(s) (7-1)
By reversing the reaction (calcination), CaO could be 
regenerated for multicycle use. By combining the carbonation 
reaction with the shift reaction
CO(g) + H20(g) « H2(g) + C02(g) (7-2)
carbon monoxide conversion was increased and high purity of H2 
was produced.
A laboratory-scale fixed-bed reactor system was used to 
study the feasibility of the simultaneous shift reaction and 
high temperature C02 removal process for hydrogen production. 
Experiments were conducted to determine the effects of 
temperature, pressure, space velocity and inlet gas 
composition on system behavior during both calcination and 
shift/carbonation stages. Dolomite was the primary sorbent 
precursor and alternate sorbents were tested for comparison. 
Sorbent structural properties were measured using mercury 
porosimeter for selected tests.
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There were two phases in this experimental research —  
single cycle tests to examine the effect of reaction 
parameters and multicycle tests to evaluate sorbent 
durability. Each complete single cycle test consisted of a 
calcination cycle and a shift/carbonation cycle, and each 
multicycle test consisted of five or more complete single 
cycles.
The following conclusions were reached as a result of the 
single cycle tests:
1. Calcination can be conducted over a temperature range 
of 750°C to 900°C under either N2 or a mixture of N2 and steam. 
The calcination reaction became very slow at 650°C.
2. C02 concentration in the calcination product gas can 
be increased by increasing temperature, reducing pressure, 
reducing sweep gas flow rate, and adding steam to the 
calcination gas.
3. No significant adverse effect of high calcination 
temperature was observed in the subsequent first 
shift/carbonation cycle. Adding steam to the calcination gas 
enhanced the calcination rate and created larger pores in the 
calcined solid than calcination in a pure N2 atmosphere, but 
had little effect on kinetics in the first carbonation cycle.
4. Shift-carbonation results using feed gas containing 
only CO, H20, and N2 provided definite proof that the water-gas 
shift and carbonation reactions occurred simultaneously over 
a wide range of temperature, pressure, and space velocity.
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5. Equilibrium for the combined shift-carbonation 
reactions was closely approached at 15 atm, in the temperature 
range of 500°C to 650°C and at space velocities as high as 3400 
hr'1 (STP) . Total concentrations of carbon oxides in the 
reactor product during the prebreakthrough period of 
approximately 300 ppm (dry basis) were routinely achieved 
while concentrations of less than 50 ppm (dry basis) were 
achieved at the most favorable conditions.
6 . Prebreakthrough carbon oxide removal decreased as the 
shift/carbonation temperature increased. Fractional C0X 
removal reached a maximum of 0.999 at 500°C, exceeded 0.99 
from 400°C to 550°C, and was about 0.93 at 650°C.
7. Lowering the shift/carbonation pressure decreased the 
reaction rate and increase prebreakthrough CO and C02 
concentration.
8 . As space velocity increased, prebreakthrough CO and 
C02 concentrations increased slightly. However, combined 
reaction equilibrium was closely approached at space 
velocities as high as 3400 hr'1.
9. Reducing the H20 to CO ratio in the simulated coal gas 
feed did not seriously reduce the prebreakthrough CO* removal. 
The fractional carbon oxide removal was roughly the same when 
the ratio was reduced from 4:1 to 2:1.
10. Commercial dolomite (from National Lime CO. Findley, 
OH) was more reactive than limestone and marble chips, both of 
which had larger calcium content. The excess pore volume
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associated with calcination of MgCOa made the calcium in the 
dolomite more accessible to the C02.
11. Heterogeneous catalysis is believed to be 
responsible, at least in part, for the shift reaction at the 
experimental conditions studied. However, the specific 
component responsible for the catalysis could not be 
identified.
Based on the single cycle results, multicycle tests were 
conducted and the follows conclusions were reached:
1. All multicycle tests showed a gradual decrease in 
sorbent reactivity with increasing cycle number.
2. At 550°C and 15 atm, prebreakthrough concentrations of 
CO and C02 didn't change significantly over 5 cycles. 
However, the duration of the prebreakthrough period and the 
global reaction rate both decreased with cycle number.
3. Dolomite had better durability than marble chips. 
Although the prebreakthrough CO and C02 concentrations were 
comparable using marble chips and dolomite, the performance of 
the marble chips deteriorated more rapidly. At standard 
shift/carbonation conditions, the deterioration rate for 
dolomite was about 5% per cycle for dolomite compared to 14% 
per cycle for marble chips.
4. Increasing calcination temperature using dry N2 sweep 
gas increased the rate of reactivity loss, but the addition of 
H20 to the calcination gas retarded sorbent deterioration.
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5. No negative effect on sorbent durability was observed 
by increasing space velocity.
Two tests were extended to eleven and ten cycles. The 
eleven cycle test confirmed the conclusions reached in an 
earlier five cycle test at the same reaction conditions. The 
average rate of sorbent deterioration was about 5% per cycle 
over the eleven cycles. For the ten cycle test, both the 
calcination and shift/carbonation were conducted at 1 atm and 
the calcination temperature was increased to 900°C. The 
fractional removal of C0X was reduced in the early stages of 
the shift-carbonation cycle. However, the sorbent durability 
was comparable with the results achieved at higher pressure 
and lower calcination temperature.
Favorable results from this research show that hydrogen 
production via simultaneous shift reaction and high 
temperature C02 removal is feasible. The following additional 
work is recommended:
1. An economic analysis should be conducted to evaluate 
whether the proposed idea is commercially attractive compared 
to the conventional shift processes for hydrogen production.
2. A small fluidized-bed process with a shift/carbonation 
reactor and a CaO regenerator is recommanded to further study 
sorbent performance and process operability.
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3. Dolomite (from Findley, Ohio) proved to be superior to 
limestone as a sorbent precursor in the fixed-bed study. 
However, dolomites having different properties are available 
throughout the country. A screening study should be conducted 
to determine if the favorable results are also true for other 
dolomites.
4. Synthesis gas has been considered as the starting 
point for hydrogen production in this research. It would be 
interesting to determine if the simultaneous shift and 
carbonation reactions could be further combined with steam 
reforming of methane:
CHt(g) + 2 HzO(g) * 4 H2(g) + COz(g) (7-3)
CHt(g) + HzO(g) * 3Hz(g) + CO(g) (7-4)
to produce hydrogen directly from natural gas.
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